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ABSTRACT

Crystallization, the final isolation and purification step in many drug substance manufacturing
processes, has substantial impact on downstream efficiency and possibly final drug product
qualities. Currently, crystallization is largely carried out in batch which may suffers from batch-
to-batch variations. Continuous crystallization is the missing key to end-to-end continuous
manufacturing of oral solid dosage form pharmaceuticals. It is estimated that shifting from batch
to continuous operations may help the pharmaceutical industry (1) reduce plant footprint, (2)
decrease energy consumption and (3) spawn faster response to drug shortages. The overall aim of
this thesis is to study and design continuous crystallization processes in both a traditional stirred
tank crystallizer (STC) and a novel oscillatory baffle reactor (OBR). In the STC, the thesis aims
to establish a systematic framework to model crystallization via a risk-based approach. This
methodology considers the highly regulated nature of the pharmaceutical industry where an
impactful model must be verified and validated carefully. The OBR on the other hand is a novel
commercial platform in which continuous operations have never been established. Its performance
was compared to the STC in terms of residence time distribution where OBR showed more uniform
and consistent operation. A start-up study was then carried out to study different start-up strategies
to examine their effects on process dynamics and steady state products. The last piece is to study
the integration of continuous crystallization with continuous filtration which is not well studied in
the current literature. A novel commercial continuous filtration unit, the continuous filtration
carousel (CFC) was studied to construct a truly continuous drug substance separation step. The
operating conditions were optimized based on filter capacity and filter efficiency studies with

particles of different shapes. Continuous coupling of crystallization and CFC was successfully
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carried out based on the optimized conditions and a risk consideration discussion was given for

process Safety assessments.
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1. INTRODUCTION

1.1 Background

Historically, pharmaceutical companies saw manufacturing cost as a small enough expense
compared to the overall expense that major cost reduction was not needed. However, in recent
years, due to expiring patents, high energy cost and potential price regulations, many
pharmaceutical companies began investing in improving manufacturing efficiency [1], [2].
Meanwhile regulatory bodies are also changing emphasis from rigid regulations on operating
conditions towards encouragement of process understanding and systematic risk-based
developments. Traditionally the pharmaceutical industry applies ‘quality by testing (QbT)’
framework for process development where tightly defined material properties are tested at each
step including raw material, fixed intermediate, drug substance and drug product to ensure
consistent end product quality [3], [4]. Such stringent specification at each testing step may results
in large manufacturing waste, post-market recalls and even drug shortages [5]. The manufactures
are not permitted to make changes without filing supplements to the U.S. Food and Drug
Administration (for U.S. markets, FDA) regardless of potential improvement of the process safety
and efficiency [6]-[9]. To address these challenges, quality by design (QbD) regulatory framework
is being adopted which is a systematic, scientific, risk-based, holistic and proactive approach to
pharmaceutical process development [3], [4]. QbD requires the identification and definition of
critical quality attributes (CQAS) that influence drug product performance and emphasizes on the
understanding and control of manufacturing processes to achieve them. The application of process
analytical technology (PAT) has been given strong incentives to assist process development for

monitoring and control. Based on the understanding of the processes and predefined CQAs, design
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space can be established and validated where all products are guaranteed to be ‘on-spec’ regardless
of small discrepancies in raw material, operating conditions or intermediates [4], [10], [11].

Continuous manufacturing (CM) have gained industry and regulatory attention for its
online monitoring capabilities and steady state, or more accurately state-of-control, operation [3],
[10]-[18]. It can be a major movement forward in the pharmaceutical manufacturing sector
because of its potential to lower cost while improving product quality [19], [20], inherently
promoted by QbD [10]-[12], [21]-[24]. The shift from batch to CM will have significant impact
on solid dosage form manufacturing by improving flexibility, agility and sustainability of the
process. It is estimated that shifting to CM may result in plant footprint reduction, operating cost
decrease, energy requirement decrease and inherent process safety improvement [25].

There are many research and development efforts in developing continuous manufacturing
and much progress has been made. Crystallization is one of last missing links in end-to-end
continuous pharmaceutical manufacturing development because of its complex two-phase and
stochastic nature. Crystallization is a widely used separation and purification step usually as the
last drug substance manufacturing step. The product quality attributes of crystallization, such as
particle size distribution (PSD), particle shape, particle polymorphism and solution concentration
heavily influence the efficiency of downstream processes and may even affect the bioavailability
of the final drug product [10], [11], [23], [26], [27]. Typically carried out in batch, there has been,
as of late, increasing interest in continuous crystallization development to emulate the progress
made in developing continuous reaction chemistry and drug product operations in hopes to enable

end-to-end continuous pharmaceutical manufacturing.
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1.2 Research Aims

The overall aim of this thesis is to understand and innovate continuous crystallization process
development in traditional and innovative platforms. Naturally, traditional platforms are more
developed than innovative ones where even proof-of-concept operations are sparingly
demonstrated in the current literature. Differently focused studies are carried out to establish
systematic and fundamental understandings of each system. The aims are examined through a
combination of experimental and computational analysis which are summarized as follows:
e Crystallization modeling development, verification and validation via a risk-based
approach in the traditional stirred tank crystallizer (STC).
e Investigation of kinetic transferability from batch to continuous operation in the traditional
STC.
e Installation and application of PAT tools in the innovative oscillatory baffle reactor (OBR).
e OBR configuration selection based on liquid and solid residence time distribution (RTD)
studies
e Reactor study of OBR: liquid and solid RTD studies and comparison against the traditional
STC.
e Preliminary continuous crystallization performance comparison between the OBR and the
STC.
e Batch kinetic parameter estimation in the OBR.
e Start-up procedure optimization of continuous crystallization in the OBR.

¢ Preliminary investigation and risk assessment of a novel continuous filtration unit.
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1.3 Research Contributions

The main contribution of this thesis lies in the process development of continuous crystallization
which can be summarized as follows:

e Estimation of crystallization kinetics of carbamazepine in a STC which has not been
determined in the current literature. Kinetic parameters are essential in developing
crystallization models and are useful for future design space exploration.

e Identification of model risk and applicability limitations via systematic model verification
and validation activities answering the QbD paradigm shift.

e Establishing continuous operation for the first time in the OBR with PAT capabilities and
demonstrated successful continuous crystallization operations promoting further research
effort in continuous oscillatory systems.

e Examination of mixing dynamics in the OBR compared to the STC via RTD studies and
recognize appropriate oscillation intensity ranges for efficient particle suspension and
entrainment.

e Estimation of kinetic parameters of paracetamol in the OBR in comparison with the STC
to obtain a batch start-up procedure of continuous crystallization.

e Experimental comparison of different start-up strategies on the process dynamics and
steady state product quality attributes of continuous crystallization in the OBR.

e Demonstration of a systematic, model-assisted process development practice from system
assembly, mixing dynamics examination, kinetic understanding to computation-aided
optimization of operating conditions.

e Establishing a true continuous drug substance separation process by understanding and

coupling a continuous filtration unit with a continuous crystallization process.
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e Discussion of risk considerations of continuous filtration operations by listing and

organizing potential risk factors for safety assessment.

1.4 Thesis Structure

Chapter 2 is a literature review of current progress in the field of continuous crystallization
development in the pharmaceutical industry with a focus on reviewing different crystallization
equipment. An overview of crystallization fundamentals is given first followed by process
analytical technology applications in crystallization processes. Specific studies and findings in
different crystallization systems are then reviewed followed by a discussion of modeling efforts of
crystallization.

Chapter 3 describes the risk-based model development of carbamazepine crystallization in
a traditional stirred tank crystallizer (STC). Sequential experiments separated nucleation, growth
and dissolution to increase the efficiency of kinetic parameter estimation process. Low-to-medium
credibility goal was reached by performing risk-based, systematic model verification and
validation activities outlined by the American Society of Mechanical Engineers (ASME). A short
discussion is provided on the transferability of batch crystallization to continuous operation.

Chapter 4 initiates the development of an innovative oscillatory baffle reactor (OBR) for
continuous crystallization. Liquid and solid residence time distribution (RTD) studies are
discussed as an evaluation of the mixing dynamics in the OBR. Then two sets of continuous
crystallization experiments are demonstrated to compare the performance of the OBR with the
STC on the continuous crystallization of paracetamol where the OBR produced more consistent
and less aggregated products.

Chapter 5 further investigates the OBR to gain a deeper understanding of continuous

crystallization process dynamics by studying start-up methods. Five common start-up strategies
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are tested: two batch start-ups and three direct continuous operation start-ups. One of the batch
start-ups applied an optimized cooling profiled obtained using a PBM developed with batch
crystallization experiments. A detailed discussion is given to understand the start-up strategies (or
lack-there-of) effects on process dynamics as well as steady state products.

Chapter 6 extends the development of continuous drug substance manufacturing to
continuous filtration which is at its early development stage in the literature. A novel continuous
filtration carousel is described and utilized to develop continuous filtration processes for
paracetamol and benzoic acid. An integrated continuous crystallization and filtration process is
demonstrated for both compounds applying the operating conditions based on stand-alone
filtration experiments which are also discussed in this chapter. In hopes to expedite the application
of continuous filtration in the pharmaceutical industry, a risk consideration discussion is given to
identify and organize potential risk factors associated with continuous filtration.

Chapter 7 summarizes the findings of the thesis and provide suggestions for future

directions in the development of continuous drug substance processes.
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2. LITERATURE REVIEW

Crystallization is a process where dissolved solutes transform from their solution phase to
crystalline solid phase. It is a key unit operation present in the vast majority of pharmaceutical
manufacturing processes to separate and isolate solid drug substance from its mother liquor. In
oral solid dosage form production, it is often employed as the final purification step to obtain pure
active pharmaceutical ingredient (API), serving the transitional role between drug substance and
drug product manufacturing as shown in Figure 2-1. Tailoring the crystal quality attributes such
as crystal size distribution (CSD), shape, polymorphic form (multiple crystal structures of the same
molecule, Figure 2-2) and purity can have a significant impact on downstream processes as well
as the quality of the final drug product [10], [11], [23], [26], [27]. A crystalline particle exhibits
regularly arranged molecular structure which is often more stable than amorphous particles which

do not have ordered molecular structures [28].

SR ot
G

API

Synthesis Filtration Milling

Tableting Drying Granulation

Figure 2-1 Transitional role of crystallization in a typical manufacturing process of oral solid
dosage form drugs.

25



Figure 2-2 An example of polymorphism: (a) prismatic form | of ortho-amino benzoic acid
(OABA), and (b) needle-like form Il of OABA. Permission requested from [29] Copyright © 2014
WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim.

2.1 Crystallization Theories

A typical solid-solution phase diagram is depicted in Figure 2-3 where the equilibrium solution
concentration (solubility curve) as well as the corresponding supersaturated and undersaturated
areas are shown. During crystallization, the system starts undersaturated and must move across the
solubility curve to become supersaturated. Supersaturated solutions are metastable: the system
tends to retrieve back to equilibrium (solubility), but certain amount of supersaturation must be
built up to initiate rapid crystal formation. A barely supersaturated system may remain ‘stable’ for
days while a system situated deeper into the supersaturation area may become unstable in a matter
of minutes resulting in crystallization. It is easy to understand that crystallization is a rate process
driven by supersaturation whereas solubility is a thermodynamic property [30]. Supersaturation
may be generated by cooling, evaporation, antisolvent addition, reaction, pH manipulation,
freezing or a combination of the aforementioned methods and the degree of supersaturation can be
expressed as absolute supersaturation AC (defined as C-Csat), supersaturation ratio S (defined as
C/Csar), or relative supersaturation s (defined as AC/Csat). Crystallization is generally considered

to be a two-step process where sufficient supersaturation must be accumulated to trigger births of
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crystals which then grow in size by incorporating solute molecules from the supersaturated

solution, or namely, nucleation and growth.

Solubility

Supersaturated

Undersaturated

Solution concentration

T, antisolvent ratio, pH etc.

Figure 2-3 Typical solubility curve and under(super)saturated areas.

2.1.1 Nucleation

The birth of a crystal is called nucleation and it consists of two mechanisms: primary nucleation,
spontaneous formation of nuclei without the presence of crystal particles, and secondary nucleation,
birthing of nuclei triggered by existing crystal particles. As shown in Figure 2-4, primary
nucleation occurs near the thermodynamic metastable zone limit. For crystallization process
design purposes, the supersaturation required for primary nucleation is often considered to be the
metastable zone limit while true thermodynamic metastable zone limit may be elsewhere which is
difficult to measure due to the delayed detection of nucleation. The distance between solubility
and the metastable zone limit in the phase diagram is called the metastable zone width (MSZW)
which is an important guide for crystallization process design. It directly correlates to
crystallization kinetics. MSZW is a kinetic property that can be affected by many factors including
supersaturation generation rate (i.e. cooling rate or antisolvent addition rate etc.), mixing dynamics,
solvent properties, impurities and solution history. Figure 2-5 illustrates the effect of cooling rate

on the MSZW of aluminum potassium sulphate crystallization in water [31]. Once primary
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nucleation takes place, the generated parent crystal particles will trigger secondary nucleation at a
lower supersaturation as shown in Figure 2-4 [32], [33]. Because primary nucleation takes place
at the brink of metastability, nuclei are generated in a stochastic, uncontrolled and often
undesirable manner. In contrast, secondary nucleation can be controlled by manipulating the parent
particles properties such as the size, polymorphic form and load (amount). Therefore, in industrial
batch crystallization processes, pre-generated particles are strategically added as ‘seeds’ to bypass
primary nucleation, regulate secondary nucleation and promote growth. Sometimes nucleation
may be preferred or required, which is often the case in continuous crystallization processes. In
such cases, secondary nucleation inducing seeded operation is still preferred to promote secondary

nucleation instead of primary nucleation.

Metastable
zone limit

Primary
nuleation &

—>;
MSZ

Concentration

Solubility

T, antisolvent ratio, pH etc.

Figure 2-4 The schematics of different zones for nucleation, growth and dissolution in a typical
phase diagram.
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Figure 2-5 Metastable zone width (MSZW) of aluminum potassium sulphate in water at different
cooling rates reported by Barrett & Glennon[31] (permission obtained). Copyright © 2002 The
Institution of Chemical Engineers.

While there are existing theories [34]-[37] in attempts to explain primary and secondary
nucleation mechanisms such as classical nucleation theory (Becker & D&ing 1935 [38]; Volmer
1939 [39]; Gibbs 1948 [40]), two-step theory (Erdemir et al. 2008 [41]; Chakraborty and Patey
2013 [42]; Davey et al. 2013 [43]), dust breading (Ting and McCabe 1934 [44]; Strickland-
Constable and Mason 1963 [45]), needle breading (Strickland-Constable 1968 [46]), and collision
breading (Strickland-Constable 1968 [46]), the exact mechanisms are not well understood. A
general rate expression does not exist for either primary or secondary nucleation. Instead, an

empirical Arrhenius-type power law expression is often used to describe nucleation:

. . j
Primary Nucleation: J = k. exp(——— 2.1
y ] p(T3 (In S)Z ) ( )
H . b Eb m
Secondary Nucleation: B =k, S exp(—ﬁ)M (2.2)

where J and B are the primary and secondary nucleation rates respectively with the unit of number

of particles per time per slurry volume, S represents supersaturation ratio and can be switched to
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absolute supersaturation AC, or relative supersaturation s, T is the temperature, M denotes the solid
concentration, R is the gas constant, and k;, j, ko, b, Eb, m are Kinetic parameters that can be

estimated from experiments.

2.1.2 Growth

Growth refers to the enlargement of crystals, the rate of which significantly impacts the final CSD.
Growth takes place at a lower supersaturation than nucleation in a more controlled manner [28],
[32], [47]. It is often preferred to generate larger crystals which can be filtered more efficiently
compared to fine particles. In practice, techniques like high seed loading, small seed size, and slow
supersaturation generation rate can be applied to promote growth and to suppress nucleation. A
comparison of the products of a growth-dominated, seeded batch crystallization experiment
against an unseeded experiment is illustrated in Figure 2-6 where seeded products are much larger
in size and thus much easier to isolate [48]. The mechanism of crystal growth is complex as crystal
structures are complex: it is generally considered as a two-step process involving diffusion
followed by the incorporation (equivalent to a reaction) at the surface while other more complex
two-dimensional growth theories [49]-[55] have been explored. Different models corresponding
to these different theories have been developed mathematically but a generic power law is often

used in practice:

=9t

E
=k S9exp(-—>) fn(L 2.3
il n( RT) (L) (2.3)

where L denotes the characteristic size of the crystal and kg, g, Eg are kinetic parameters that can
be estimated from experiments. Some function of L, fn(L) can be added to express size dependent
growth rate. It is important to note here that there are multiple ways to describe crystal size since
crystals are three dimensional structures. The characteristic length L is often defined as the volume

equivalent sphere diameter (Figure 2-7).
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Figure 2-6 Microscopic images of paracetamol product of: (a) unseeded versus (b) seeded cooling
crystallization. Permission obtained from [48] Copyright © 2007 Elsevier Ltd.

Even though nucleation rate expressions Eq(2.1), Eq(2.2) and growth rate expressions
Eq(2.3) are generalized expressions, they are all not completely empirical. They can be derived
from classical nucleation theory and diffusion-reaction growth theory respectively. Thus, the
kinetic parameters have some physical meaningfulness to them. In addition to nucleation and
growth, other more complex phenomenon are often present during crystallization [36], [56] such
as agglomeration (multiple particles clustering together to form one large aggregate, Figure 2-8a),
breakage (one particle breaking into two or more particles, Figure 2-8b), attrition (fines ‘chipping
off” from a particle surface as individual particles, Figure 2-8c) and Otswald ripening (fine
particles dissolving despite supersaturation, Figure 2-8d) which may also be important in certain

systems.

L

Figure 2-7 VVolume equivalent sphere diameter
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Figure 2-8 Animated schematic of (a) agglomeration, (b) breakage, (c) attrition and (d) Otswald
ripening mechanisms.

2.2 Process Analytical Technology

Process analytical technology (PAT) is essential in the paradigm shift to the QbD regulatory
methodology [11]. The incorporation of PAT provides a framework to optimize the process by
enhancing the understanding of the process, identifying and diagnosing off-spec processes, and
enabling feed-back control strategies. PAT is especially critical to continuous processes to
maintain a state-of-control operation. PATs can be in-situ (or online), at-line or offline. In-situ
instruments provide real time monitoring of the process quantitively or qualitatively with almost
no delay. In-situ PAT sensors are usually invasive (i.e. must be inserted into the slurry system) and
nondestructive (i.e. does not destroy samples). At-line instruments are located at close proximity
to the process that poses a short delay but usually give more accurate qualitative and/or quantitative
results than in-situ instruments. Offline PATs are usually characterization instruments that provide
difficult-to-measure qualitative information. At-line and offline PAT tools are usually destructive.

Concentration is one of the most important quality attributes of a crystallization process.
There are many in-situ PAT tools that enable real-time concentration monitoring such as attenuated

total reflection ultraviolet/visible (ATR-UV/Vis) spectroscopy, attenuated total reflection Fourier
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transform inferred (ATR-FTIR) spectroscopy, attenuated total reflection near inferred (ATR-NIR)
spectroscopy and Raman spectroscopy. ATR-UV/Vis is a relatively economical tool that is very
useful in tracking single component solution concentration. ATR-UV/vis applies UV/vis light and
measures the reflectance. Solution of different concentrations reflects UV light differently. The
calibration model is usually quite simple containing temperature and the absorbance of a single
significant peak. Thus, the following calibration equation is often used:

C=aAbs+a,T +a,Abs-T +b (2.9)
where a; denotes fitted coefficients, Abs is the absorbance at a certain wavenumber and b is the
fitted intercept. ATR-NIR and ATR-FTIR measures reflectance of IR or near IR light. Raman
spectroscopy measures the Raman scattering of a laser at different Raman shifts to identify and
quantify a compound. IR and Raman spectroscopy usually require a chemometric calibration
model. IR spectrum is usually less affected by solid particle presence however, experiments should
still be carried out to test that solid concentration that does not significantly affect the reading. In
contrast, solid concentration usually has a significant impact on Raman scattering thus certain
Raman shifts that are heavily correlated solid concentration changes can be used to track solid
concentration in slurry suspensions [57], [58]. IR spectrum sometimes can also be used to track
solid concentration if correlated peaks can be identified.

To calibrate quantitative PAT tools such as UV, IR and Raman for solution concentration
measurement, a series of experiment should be carried out to reflect the effect of concentration,
temperature and sometimes solid concentration on the spectra. In other words, solutions of known
concentrations should be measured at different temperatures to construct such calibration models.
To do so efficiently, the following experiment is repeated for several concentrations [59]: solution

is first heated to ensure complete dissolution and maintained at 10 <C above its solubility
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temperature for 30 min. Then the temperature is decreased stepwise until nucleation with 10-30
min hold at each step (Figure 2-9a) until nucleation. Nucleation can be detected by PAT tools such
as the FBRM or the human eye which is less accurate. Per experiment, the absorbance is obtained
at different temperatures of the same concentration. Once the same experiment is repeated for
different concentrations, a calibration model can be developed to calculate concentration at a
certain temperature from the spectrum reading. Additional experiments can be carried out to vary
solid concentration at fixed concentration to observe the solid concentration effects on the
spectrum. A faster but not as accurate method is also commonly used to calibrate concentration
measurements [18]. This method requires that the solubility curve against temperature is known.
The solution is first held at the lower limit of the temperature range of interest with excess solute
material (i.e. the system starts as a slurry). Then the solution is heated stepwise slowly with 30 min
hold at each step to ensure equilibrium (Figure 2-9b). Thus, the solution concentration at each
temperature step can be assumed as the solubility concentration. This method is commonly known
as the rapid calibration method. Its disadvantage is that temperature and concentration effects on
the spectrum are not decoupled. If an anti-solvent crystallization process is intended, the solvent

to anti-solvent ratio (SASR) should be varied instead of temperature.
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Figure 2-9 Temperature and particle count profile of (a) detailed solution concentration calibration.
Permission obtained from [59] Copyright © 2014 WILEY-VCH Verlag GmbH & Co. KGaA,
Weinheim; and (b) rapid solution concentration calibration [18].

Solid properties include size, shape and polymorphic form are important for crystallization
processes. Focused beam reflectance measurement (FBRM), turbidity meter, ultrasound
measurement, acoustic measurement and endoscopes are useful in-situ PAT tools that give
quantitative and/or qualitative information about the solid properties.

FBRM is a calibration free tool that measures solid particle count and particle chord length
distribution. It has gained popularity over the last decade for its monitoring and control
applications [60]-[63]. It consists of a rotating laser optics in a sapphire window (Figure 2-10a) to
measure laser back scattering corresponding to the chord length distribution (Figure 2-10b) and

the particle count per unit time of its rotation (Figure 2-10c). It is important to notice that FBRM
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measurement of particle count and chord length distribution does not quantitively describe the
number of particles in the crystallizer or the solid PSD, but the trend is indictive of the changes in
particle population. For example, sudden increase of particle counts companied by mean chord
length decrease indicates nucleation event (Figure 2-11a); mean chord length increasing overtime
suggests possible crystal growth (Figure 2-11b); FBRM coupled with concentration gives great
insight into the process that is otherwise difficult to obtain. FBRM can also be used for automated
direct nucleation control (ADNC) where particle count is monitored via FBRM and controlled by
manipulating supersaturation [63]-[66]. An example of ADNC application in batch crystallization
of paracetamol is shown in Figure 2-12. ADNC can also be used to maintain a state-of-control in
continuous crystallization processes [67], [68].

(a) Probe Tip
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Figure 2-10 FBRM probe (a) schematics, (b) chord length measurement mechanism and (c) a
typical chord length distribution measurement.
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dominated crystallization (bottom).
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Figure 2-12 (a) Control diagram of ADNC, (b) operating profile of an ADNC crystallization
process and (¢) microscopic images of paracetamol batch crystallization products with and without
ADNC. Permission obtained from [63] Copyright © 2012, American Chemical Society.
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Figure 2-12 Continued.

(C) -

Without
ADNC

q

ag?"ﬂe ‘

200 pm

Turbidity meter is another tool that measures solid properties. Turbidity is a phenomenon
where a solution loses its transparency due to the presence of solids (Figure 2-13). The turbidity
meter does not give detailed particle size distribution (PSD) or chord length information but is
often used qualitatively to identify the presence of solids during metastable zone measurement
experiments [69]-[71]. There are three types of turbidity measurements: adsorption (fixed sample
volume, medium — high solid concentration), forwards scattering (fixed sample volume, low solid

concentration) and backward scattering (simple design, open measuring zone).

’ — Particle in
Signal
@ zone

Figure 2-13 Turbidity meter measurement mechanism.

Acoustic emission (AE) measurement is another PAT tool that can monitor solid properties
by measuring the elastic energy change of the acoustic wave induced by dynamic changes such as
crystallization. In contrast to the other online PATs, AE sensing method is non-invasive as
demonstrated in Figure 2-14a. In other words, it does not come into contact with the slurry content
because it does not require an observation window. It allows analysis of opaque samples that are

difficult to monitor with FBRM or other laser technologies. It is intrinsically safe and relatively
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inexpensive, and it can be useful in both MSMPR and PFC operations. However, AE is a less
commonly applied technology in the pharmaceutical manufacturing industry mostly due to its
largely multivariate measurement data (Figure 2-14b) which requires advanced statistical method

to analyze and calibrate.
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Figure 2-14 A non-invasive acoustic transducer implemented on a laboratory scale crystallizer and
its main characteristic parameters of a typical AE hit. Permission obtained from [72] Copyright ©
2012 Elsevier B.V.

Endoscopy, or in-situ video monitoring is another useful PAT tool that gives useful visual
information of the system. Particle vision measurement (PVM) is a commonly used probe that
gives real time microscopic images (examples are shown in Figure 2-15) of the crystals that can
be used to visually detect nucleation, growth, agglomeration, and polymorphic transformation
amongst other events [31], [61], [73]-[75]. Image analysis can be applied to provide some
quantitative information however it is difficult to obtain reliable quantitative information when
solid concentration is at medium to high level as the microscopic images become overcrowded

and particle images become overlapped [76], [77].
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Figure 2-15 PVM images of particles during crystallization and dissolution. Permission obtained
from [31] Copyright © 2002 The Institution of Chemical Engineers.

The aforementioned Raman spectroscopy can also be used to monitor solid properties
including solid concentration and solid polymorphic form in addition to solution concentration
[29], [78], [79]. Different polymorphic forms of crystalline particles yield different Raman
readings due to differences in their molecular rotational or vibrational modes which can be picked
up by in-situ Raman probes (Figure 2-16) thus useful for polymorph monitoring and control during
crystallization. IR spectroscopy can also identify polymorphism of certain compounds. A summary

of commonly used in-situ PAT tools for crystallization is listed in Table 2-1.
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Figure 2-16 In-situ Raman spectrum of Form I, Form Il and mixture of ortho-amino-benzoic acid
(OABA). Permission obtained from [79] Copyright © 2014, American Chemical Society.

Table 2-1 Summary of in-situ PATS.

PAT Measurement Properties Monitored

uv UV spectrum Solution concentration

FTIR, NIR (near) IR spectrum Solution concentration, solid concentration, polymorphism
Raman Raman scattering  Solution concentration, solid concentration, polymorphism
FBRM Laser reflectance  Qualitative particle counts and chord length distribution
Turbidity  Turbidity Solid concentration

AE Acoustics Solid concentration

PVM Imaging Particle shape, size, and agglomeration

Relatively complex analytical tools that are unable to fit in the crystallizer yet have a short
measurement time (usually in a matter of minutes) are usually placed at-line of the process. These
tools may analyze solution concentration, identify impurities and/or measures solid properties.
Ultra-performance liquid chromatography (UPLC), mass spectrometry (MS) and gas
chromatography (GC) are examples of chemical analytical tools with at-line measurement
capabilities. They have been well developed in the field of analytical chemistry and there are many
handbooks and literature on their method development. Nevertheless, it is usually difficult to

maintain their automatic at-line operations for crystallization processes because they are intricate
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instruments and are prone to blockage. Particles and/or gas bubble may get entrained into the
instruments from the sampling channel which will likely cause measurement failure and even
instrument damage. As a result, they are demonstrated more successful for liquid only upstream
reaction process monitoring and are not commonly used for crystallization processes. However,
there have been studies that demonstrated the usage of a PATROL UPLC by Waters for at-line
concentration monitoring of crystallization processes. Yang et al. [80], [81] studied a UPLC set-
up (Figure 2-17) that was equipped with a heated auto sampling line with a filter placed at the inlet
to prevent particles from entering the lines. The authors successfully established process
monitoring and feedback control strategies with at-line UPLC for crystallization process in two
separate studies. Issues with blockage was not discussed in those studies. Manual sampling is also
possible which largely prevents particle entrainment in the sampling line by properly treating the
sample before measurement but significantly prolongs sampling time while introducing hard-to-

monitor human errors.
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Figure 2-17 At-line concentration monitoring of a crystallization by UPLC. Permission obtained
from [81] Copyright © 2016, American Chemical Society.
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Laser diffraction wet dispersion sizing technology such as Malvern Mastersizer and
Sympatec are also capable of at-line analysis mostly by manual sampling. They are nondestructive
instruments that measure volume-based PSD by measuring the laser relative transmission of the
dispersed sample in an insoluble liquid as shown in Figure 2-18. Laser diffraction measurement
only provides volume-based PSD. Volume-based PSDs can be converted to number-based PSD
under certain assumptions, but it is not very accurate in the small/fine particle range. It is also
important to note that laser diffraction sizing technology is fundamentally different from FBRM
and does not yield comparable results as the FBRM. Some wet dispersion models offer flow-cell
capability for automatic at-line or inline monitoring however it is usually difficult to maintain

stable sample obscurity for reliable at-line reading.

Figure 2-18 Laser diffraction PSD measurement mechanism.

Offline tools are instruments that usually provide comprehensive and accurate information
about the system but take longer to process or are very large in size. They are excellent tools to
measure properties that are otherwise difficult to measure in-situ or at-line such as multicomponent
concentration, molecular structure and thermo stability, whose results can also serve as validation

data for in-situ PAT sensors. Offline tools that are helpful for crystallization processes include
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high performance liquid chromatography (HPLC) for purities, X-ray diffraction (XRD) for
polymorph identification, microscopy (such as scanning electron microscopy SEM) for imaging,
nuclear magnetic resonance (NMR) for impurity identification, dry dispersion laser diffraction
sizing measurement and image-based sizing technology for PSD and so on. At-line instruments

can be used offline as well. A summary of at-line and offline analytical tools is listed in Table 2-2.

Table 2-2 Summary of at-line and offline PATS.

PAT Measurement Properties Monitored

HPLC, UPLC Liquid chromatography Multicomponent identification and analysis
MS-GC Gas chromatography Multicomponent identification and analysis
Malvern Mastersizer Laser diffraction Volume-based PSD

Sympatec Laser diffraction Volume-based PSD

Malvern Morphologi  Imaging Number-based PSD, particle morphology
XRD X-ray diffraction Solid structure, polymorphism

NMR Magnetic resonance Compound identification

SEM Microscopy Particle morphology

2.3 Batch and Continuous Crystallization

In order to achieve the desired crystal CQAs, one must design a suitable operating system,
supersaturation generation profile, seeding strategy, and operating mode (batch or continuous). If
upstream processes allow, a proper solvent should be chosen to avoid high toxicity and increase
solvent power so that changing temperature or anti-solvent ratio results in higher changes in
solubility. Crystal habits should also be considered when selecting a solvent to avoid difficult
shapes (e.x. needle shape), polymorphic impurities and undesirable coloring [82]-[85]. The
selection of solvent is also coupled with choosing the type of crystallization such as cooling,
antisolvent or reactive crystallization for an optimal design. It is important to obtain the phase
diagram and metastable zone limits so that an operating curve can be developed by experimental

experience or optimization algorithms. Seeding is commonly practiced in industry to suppress
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nucleation and promote growth. Typically for batch crystallizations, 0.5-5 wt% seed loading is
used, and added when the system is close to solubility (¥ to ¥z into the MSZW) [86], [87]. An
empirical design equation can be used to select the seed size based on crystal size and shape [28],

[88]:
m, =m, (=) (2.5)

where ms and ds stands for mass and size of seed, m¢ and dc denote mass and size of crystals and i
is a shape index, 1 for needles, 2 for plates and 3 for cubes/spheres. In addition to operating
conditions and seeding techniques, the equipment design is also crucial to implement a well-
designed crystallization process. As shown in Figure 2-19, a temperature-controlled vessel
equipped with an overhead agitator and various port(s) for material addition and PAT tools
installment is often used for crystallization. The material, dimension and mixing scheme of the
crystallizer must be properly designed to ensure efficient heat and mass transfer as well as effective

suspension of particles.

Seed port PAT port

Figure 2-19 Schematic of a typical batch crystallizer with overhead ports for PAT tools and seed
addition.

Crystallization of pharmaceuticals have been largely carried out in batch mode [57], [63],

[64], [89]-[93]. Batch operations are ‘recipe-based’, simple and relatively low maintenance [14],
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[94], [95]. Carefully designed batch crystallization operating curves (black dotted line in Figure
2-20) can achieve relatively uniform CSD and maximum yield; however, it usually requires a very
long batch time and consequently batch crystallizers are often very large in size (on the order of
several cubic meters). Such large size leads to high capital cost, high operating cost, elaborate
scale-up practice, and heavy consequence for failed batches which is a prevailing issue due to
batch-to-batch variations [10], [17]. Furthermore, local poorly-mixed spots are often present in
large reactors where supersaturation can be exceptionally high triggering primary nucleation
despite seeding [96]. Large number of fines are produced as a result leading to possible fouling,

filtration failure, excessive agglomeration, and undesired polymorph formation amongst other

issues.
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Figure 2-20 Typical operating profile of batch, multi-stage continuously stirred tank, and plug flow
crystallization in the phase diagram.

Continuous crystallization on the other hand operates at ‘steady-state’, or more accurately,
at a ‘state-of-control” operation improving process robustness and product consistency [27], [66].
It is crucial to incorporate PAT during continuous crystallization to maintain the consistent state-
of-control operation. Continuous operations usually allow smaller-size reactors because of its

ability to operate for a long period of time without interruption, enabling on-demand
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manufacturing that can be easily relocated and reconfigured between different locations. More
importantly, continuous crystallization may be scaled by simply increasing the flow rate with little
to no equipment size change which significantly simplifies or potentially eliminates traditional
scale-up practices associated with batch crystallization [97]-[99]. However, there are challenges
associated with continuous crystallization despite the inherent advantages. These challenges
mainly center on the issue of fouling: continuous crystallization inherently requires supersaturation
throughout the whole operation which tends to cause encrustation on equipment surfaces and in
transfer lines. Coupled with low flow rates required for most pharmaceutical processes, fouling
and blockage can easily occur, and the state-of-control operation may subsequently be interrupted
[23], [100]. Additionally, the continuous supersaturation present in the crystallizer inevitably leads
to lowered yield compared to batch which is another obstacle for shifting to continuous from an
economical perspective. Continuous crystallization is by no means a new concept. It has been an
established process at large scale production in industries like sugar processing and mineral
refining, but it becomes challenging at smaller scales where pharmaceutical industry usually
operates. It is often not a trivial decision to operate in batch or continuous mode when developing
a crystallization process. Factors like demand, material property, time constraint, budget, and level

of technology expertise must be considered during the decision-making process.

2.4 Continuous Crystallizers

There are two general types of continuous crystallizers: mixed-suspension-mixed-product-removal
(MSMPR) crystallizers where material is actively fed and removed from a well-mixed vessel
producing wide residence time distributions (RTDs), and near plug-flow crystallizers (PFCs)

where the material ‘flows’ through a tubular reactor with the RTD being near uniform. MSMPR
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operation allows utilization of existing equipment while PFC produces tight RTDs enhancing

product consistency. Each type can be the appropriate choice for different crystallization systems.

2.4.1 Mixed-suspension-mixed-product-removal crystallizers

An MSMPR operation consists of one or more well-mixed vessel(s) in series with continuous feed
and slurry removal. Successful employment of continuous crystallization in MSMPRs relies on
sufficient mixing and proper slurry withdrawal schemes to obtain products in the outlet
representative of the bulk slurry. A single MSMPR crystallizer operates at one point in the phase
diagram (for example t1 on Figure 2-20) but a batch-like operating curve can be replicated by
employing a multi-stage MSMPR system (yellow solid line on Figure 2-20). For many APIs, pilot
scale crystallizers are enough to meet current demand in continuous mode without further scale-
up. The possibility to utilize existing equipment and its simplicity of operation are major
advantages of MSMPR systems over other continuous crystallization systems. Another advantage
is the ability to operate at long residence times without particle settling issues which is especially
beneficial for slow growing compounds [27]. During MSMPR mode operation, some slurry
elements immediately exit the crystallizer after entrance, some elements end up never leaving the
vessel while most elements are somewhere in between, making up a broad RTD profile. This can

be a disadvantage of MSMPR systems because broad RTD may lead to broad CSD [101].

a.Equipment and scale

The most commonly used MSMPR crystallizer is a stirred tank crystallizer (STC) as it is readily
available in most labs and pilot plants and it is simple and inexpensive to build. Similar to a batch
crystallizer, an overhead stirrer is often used to provide mixing. The agitator type, position and
agitational speed are all important design factors to consider for a well-mixed STC. Axial-flow

impellers such as pitched blade or retreat curve impellers are often used in crystallization. The
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material of the impeller must be durable and chemically compatible. Particles present in
pharmaceutical crystallization processes tend to be heavier than its solvent thus the impeller is
often positioned closer to the bottom. Sufficient agitation speed is also needed to keep crystal
particles suspended. This speed can be determined by experiments and/or computational fluid
dynamics (CFD) which can be costly. Previously developed empirical equations are often used in
practice to determine the minimal agitational speed. One of the most commonly used equations is

known as the Zwietering correlation [102]:

N, = Z.0°d r?2[ 9. (P = P )]0.15 X 019D, 0% 2.6)

sol

where Njs denotes the minimum agitation rate required for particles of mass mean size dp, Z¢ is the
Zwietering constant, unique to the geometric characteristics of the agitation system, which can be
experimentally determined or found in literature and handbooks, v is the kinematic viscosity of the
solution, gc is the gravitational acceleration constant (9.81 m/s?), X is the weight percentage of
solid to liquid content and Dim denotes the impeller diameter. An added complexity in
crystallization is that agitation speed has a significant impact on crystal habits by affecting
crystallization kinetics. While higher agitation speed improves mass transfer which improves local
supersaturation, it can also induce particle breakage [103], attrition [104] and agglomeration [94]
which is often undesirable. An optimal mixing scheme design relies on experiments, modeling and
engineering experience.

Small bench scale MSMPR STCs range form 10s mL to 100s mL (an example of 500 mL
STC is shown in Figure 2-21a) often equipped with ports for PAT tools [14], [17], [94], [105]—
[108]. Pilot plant scale of a few liters (an example is shown in Figure 2-21b) to 15 liters in volume
have also been demonstrated to successfully produce crystal products at the rate of several

kilograms of API per day [109], [110]. Larger equipment is not necessarily required to meet
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production demand at pharmaceutical scales and laboratory/development equipment is capable of
matching batch scale production at equivalent or shorter time scale [27], [109] assuming that
continuous crystallization can be sustainably operated for long periods of time, but it may be

challenging. One of, if the not the most challenging aspects of maintaining a sustainable

continuous crystallization in an MSMPR, is slurry transfer.

(a)

Figure 2-21 Equipment set-up of (a) a lab scale (500mL) stirred tank MSMPR [18] and (b) a kilo
scale stirred tank MSMPR. Permission obtained from [110] Copyright © 2017, Copyright © 2017
The Authors, some rights reserved; exclusive licensee American Association for the Advancement
of Science. No claim to original U.S. Government Works.

b.Slurry transfer

Continuous crystallization is a two-phase process where a mixture of solid and liquid must be
transferred from one vessel to the next which presents a host of challenges. Slurry transfer failure,
including inhomogeneous slurry removal and transfer tubing blockage, have been reported to be
the top reason causing premature termination during continuous crystallization studies and
summarized by Yang et al, a research group at the FDA, in a risk focused study [23] amongst other
review literatures [27], [66], [98], [111], [112]. Representative or homogenous product removal
refers to the practice where the product removed at the outlet has the same composition (and CSD)

of the bulk slurry. Yang et al [23] pointed out that while it needs further discussion whether
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representative product removal is strictly required, representative slurry removal is often preferred
for a more stable steady-state continuous operation. To ensure representative slurry removal, not
only a proper rotational speed needs to be determined for sufficient particle suspension, the
location of the transfer line is also important. Three common slurry removal locations are
demonstrated in Figure 2-22. Due to the nature of agitational mixing dynamics, particles tend to
accumulate under the impeller, the inlet of the product removal line is recommended to be placed
lower than the impeller if possible [23]. A drain may be used as the product removal outlet to

further improve this issue.

Figure 2-22 Animation illustration of MSMPR drawing schemes: skimming (left), submerged
(middle), and metal pipe guided bottom drawing (right).

A bigger challenge is fouling and blockage of transfer lines (Figure 2-23 [23]). A wide
removal tubing, which is often required to prevent blockage, coupled with slow removal rates,
needed to maintain a certain residence time, poses a challenge to sustain turbulence in the transfer
line [27], [73], [113]. Lack of turbulence may cause particles to settle and/or block the transfer line
completely. Moreover, unconsumed supersaturation that is naturally present during MSMPR
operation can cause further crystallization in the transfer line which worsens the particle settling
issue and onsets encrustation on the tubing wall. This in turn can result in lowered vyield, line
blockage and in some cases process failure. Therefore, transfer lines should only be as long as

needed without unnecessary kinks and pinches and slurry transfer should take place as quickly as
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possible. Temperature control can also be implemented on the transfer line to prevent further

crystallization [23].

Figure 2-23 A blocked slurry transfer line of a lab scale MSMPR. Permission obtained from [23]
Copyright © 2017, ACS.

Pump driven slurry transfer is commonly used in conjunction with soft Teflon tubing to
transfer slurries as shown in the MSMPR set-up in Figure 2-21a [16], [18], [78], [114]-[116].
Programmable peristaltic pumps also enable a simple yet effective slurry transfer scheme to
prevent transfer line fouling: intermittent product removal. It has been reported that intermittent
removal significantly improves transfer line fouling compared to continuous operation. During
intermittent operation, the slurry transfer pump remains idle for some time followed by high
flowrate removal of the accumulated volume. This accumulation is recommended to be less than
10% of the total volume in the vessel to avoid significant disturbances. It has been shown to
produce similar products as true continuous operation both by experiments and by mathematical

modeling [117].

c.State-of-control operation

State-of-control is a more accurate description of stable continuous crystallization operation where

small deviations from steady state may occur but system dynamics and/or applied control strategies
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can correct such a deviation without causing significant changes in product CQAs [10], [12], [100].
Such a dynamic or sometimes oscillatory state is considered a steady and stable operation of
continuous crystallization and is more appropriately called a ‘state-of-control” operation. During
state-of-control operation, product quality attributes such as CSD, solution concentration, impurity
level and polymorphic form remain constant or in an acceptable range. The final state-of-control
product qualities are often governed by the operating conditions; For example, if the temperature
of the MSMPR is low during a cooling continuous crystallization process aiming to improve yield,
CSD is likely to be small because of excessive nucleation but is observed to improve if residence
time increases [106], [118]. Incorporation of milling or ultrasound also affects state-of-control
CSD by inducing particle breakage and/or accelerating nucleation. Yield is another important
property to consider when designing a suitable state-of-control operation. It is often of economic
interest to maximize yield. To achieve this, several studies have been carried out to investigate
potential strategies to improve yield. Recycling being an obvious choice has been shown to
significantly improve the overall yield in MSMPR operation. Alvarez et al. [119] showed that
implementing a recycling stream increased the yield from 71% to 87% while decreasing purity by
~2% for the cooling crystallization of cyclosporine (Figure 2-24). Thus, recycling may be an
unacceptable strategy for certain compounds. Lowering the MSMPR crystallizer temperature has
also been shown to improve yield but it may result in smaller crystal size [65], [120], [121].
Inclusion of wet-mill (Figure 2-25) and sonication (Figure 2-26) can improve particle uniformity
but it is a trade -ff with crystal size [68], [122], [123]. Increasing residence time can improve yield
without compromising CSD and often times improving state-of-control crystal size [14], [105],

[124]. However, it will require lowering the flow rate thus decreasing throughput or implementing
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more stages which increases cost. Depending on the kinetics, a combination of the aforementioned

techniques can be applied to obtain an optimal state-of-control.
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Figure 2-24 (a) Schematic of multistage MSMPR continuous crystallization of cyclosporin with
recycle; (b) effect of recycle ratio on product purity and process yield. Permission obtained from
[119] Copyright © 2011, American Chemical Society.
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Figure 2-25 (a) Schematic of an in-situ wet mill in the MSMPR experimental set-up and (b)
volume-based size distribution at different wet mill rpm. Permission obtained from [16] Copyright
© 2017, American Chemical Society.
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Figure 2-26 Volume-based size distribution of particles in crystallizer implemented with
sonication and product vessel at (a) silent conditions and (b) 40% power amplitude sonication.
Permission obtained from [123] Copyright © 2010 Elsevier Ltd.
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Polymorph (and chirality) control is another important but perhaps more subtle advantage
that comes with MSMPR operations. Unlike batch, one MSMPR state-of-control operation fixates
on asingle point in the phase diagram consistently producing the polymorphic form favored at that
point. A batch operation curve may inevitably pass through regions in the phase diagram that favor
an undesired polymorphic form. Thus, maintaining a specific state-of-control operation can
achieve tight control of the polymorphic form. Lai et al. [125] demonstrated this aspect by
manipulating the temperature and residence time of the MSMPR operation to selectively produce
a pB-form of L-glutamic acid which is relatively difficult to obtain with batch crystallization
processes. Similarly, Steendam and Horst [126] established a single stage MSMPR continuous
process to consistently produce chirally pure crystals by manipulating residence time, feed
concentration and start-up strategy to tune for a desirable state-of-control operation.

As of now, MSMPR continuous crystallization of pharmaceuticals remains in research
stage. Fouling and blockage is often vaguely reported or kept off records. In addition, the
robustness and reproducibility of these studies are not tested rigorously. Therefore, the issue of
fouling may take place more frequently and cause more serious consequences than what current
literature suggests. Further study of the robustness of continuous crystallization in MSMPR mode
is still needed to establish a systematic process development strategy to achieve a robust state-of-

control operation.

2.4.2 Plug-flow crystallizers

Plug flow crystallizers (PFC) are tubular reactors in which the content flows at a near constant
velocity. The obvious appeal of a PFC over an MSMPR vessel is that the axial mixing is minimal
in the PFC producing a near uniform RTD compared to the broad RTD in an MSMPR crystallizer

as illustrated by Figure 2-27. The spatial gradient (i.e. the length) of a PFC is equivalent to that of
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batch time which would require several MSMPR crystallizers in series to achieve the same
operating profile. However, in order to maintain turbulence in the PFC, a high flowrate is usually
required resulting in short residence times or extended reactor length. While plug flow reactors
have been successfully applied for single phase reaction processes, the added complexity of
particle suspension poses a challenge for successful crystallization operations. It is difficult to
produce high enough turbulence in PFCs to ensure homogenous mixing of the liquid phase and
the solid phase. Therefore, a bench scale PFC is rarely demonstrated to be successful. However,
there are a few nonconventional PFCs that incorporated unique designs such as static mixing,
sonication, and micro channels to enhance mixing for successful continuous crystallization
operations with short residence times [127]-[132]. Encrustation and fouling is another challenge
in maintaining the state-of-control in the PFC (Figure 2-28). Cleaning procedures can also be very

complex for long PFCs.

RTD

Figure 2-28 Image of an encrusted tube section of a tubular PFC.
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A particular near plug-flow oscillatory crystallizer has been gaining popularity in recent
years for its ability to suspend particles at relative low net flow rates: an oscillatory flow baffled
crystallizer (OFBC) also known as a continuous oscillatory baffled crystallizer (COBC) or simply
oscillatory baffled crystallizer (OBC) [133]-[140]. It superimposes oscillatory motion onto the
flow by a plunger in a baffled tubular reactor to aid particle suspension as shown in Figure 2-29.
A combination of oscillatory motion and static baffles generates sufficient turbulence at laminar
net flow conditions attaining far longer residence times (10 - 30 minutes) compared to static PFCs
(up to a few minutes). Oscillatory mixing also brings additional advantages such as improved heat
and mass transfer and low shear rate. Lawton et al. (2009) [133] was amongst the first to
demonstrate successful continuous crystallization of an APl in an OFBC (Figure 2-30). In the same
study, a cost analysis was carried out which suggested a potential £300k saving annually compared
to equivalent batch operations (Table 2-3) providing financial incentives of switching to

continuous crystallization.

Figure 2-29 Schematic of the tubular OFBC and a zoomed-in view on a baffled tube segment.
Permission obtained from [140] Copyright © 2015, American Chemical Society.
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Figure 2-30 A custom built stainless steel OFBC unit. Permission obtained from [133] Copyright
© 2009, American Chemical Society.

Table 2-3 Cost analysis of a continuous operation in an OFBC compared to a traditional batch
isolation process. Permission obtained from [133] Copyright © 2009, American Chemical Society.

Potential saving (£ from traditional batch
New build 20% lower
Operating costs 300K per annum
Crystal engineering without milling  50% lower +> 300K per annum

2.5 Population balance modeling

Mathematical modeling is a useful tool in process development of crystallization. A population
balance model (PBM) is often used to describe crystallization as it tracks the population of particles
of different sizes in suspension as well as concentration in solution. The basic concept of a
population balance is to balance the number of particles generated/destroyed by nucleation,
agglomeration and/or breakage as well as to track the flux of particles travelling between size bins
by crystal growth. To describe this idea mathematically, let us introduce a (univariate) population
distribution function f(L,t) such that f(L,t)dL describes the number of particles between size L to

L + dL per unit slurry volume at time t (Figure 2-31).
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Figure 2-31 Population distribution function where shaded area represents the number of particles
between size L and L+dL in a unit slurry volume.

2.5.1 Batch
For a batch crystallization process, population balance is written as:

of  o(Gf)
E + oL = Qnuc + Qagg + Qbreak (27)

where Q denotes particle generation or disappearance mechanisms and nuc, agg, break subscripts
stand for ‘nucleation’, ‘agglomeration’ and ‘breakage’ respectively [141]-[143]. If agglomeration
and breakage are negligible, Eq(2.7) can be simplified as:

of _ a(ef)

o =Ba(L-L) (2.8)

where S(L—L,) is the dirac delta function that engages nucleation only at nucleus size Lo (usually

taken to be very small or 0):

[CodL=1 ifL=L,
5=0 if L= L,

(2.9)

To close the system of equations, a mass balance can be written to relate solid and liquid phase

concentration:
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where C is the mass concentration of the solute in solution, ky represents the shape factor (1 for
cube, 0.5 for sphere, 10 for needle shape etc.), and pc is the crystal density. An energy balance can
also be written which is especially important for strongly exothermic or endothermic

crystallization processes:

dT _-hA(T-T,) AH_3kp,
dt VpsoICp psolcp

_[:GLZ oL (2.11)

where h represents heat transfer coefficient, A is the heat exchanging area of the crystallizer, Tw is
the temperature at the heat exchanging wall, V stands for the slurry volume, psol is the density of
the solution, C, denotes the specific heat of the solution, and AH. represents heat of crystallization.
Solving Eq(2.8) Eq(2.10) and Eq(2.11) together yields particle population distribution, solution
concentration, and bulk temperature profile over time [141], [144]. Initial concentration (and
temperature), and seed population (if seeded) must be obtained as the initial conditions to solve

the system of equations.

252 MSMPR

In a single stage MSMPR, the population balance model can be written as

oWf) , AVGH)
ot aL

= Q, fin = Qo F +V (Quue + Qugy + Qrear) (2.12)
where V is the slurry volume in the crystallizer, Oin and QOout represent the inlet and outlet
volumetric flow rate, fi, is the population distribution of the seed carried into the system with feed
(taken as zero if the system is not continuously seeded). If agglomeration and breakage are

negligible, Eq(2.12) can be simplified as:
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oWVf) , aVGH)

o = Qn fa = Qui f +VBS(L- L) (2.13)

A mass balance can also be written for a single stage MSMPR operation:

m = Qincin _(joutC _3\/kvpc.roGL2 de (214)
dt Lo
where Cin denotes the feed concentration. Initial conditions can be written based on the start-up
method:

f (@t =0) = population of intial seed, if seeded
f(@t=0)=0 forall L, if unseeded (2.15)
C(@t =0) =initial concentration

This PBM makes two additional assumptions: (1) the crystallizer is well mixed: solid PSD
and solution concentration is uniform spatially, and (2) product removal is representative: solid
PSD and solution concentration in the removal line are the same as the bulk.

At steady state, the first term of Eq(2.13) and Eq(2.14) becomes zero and the solution gives
steady state concentration and particle population. Therefore, the population balance of a constant
volume single-stage MSMPR crystallization without continuous seeding at steady state becomes:

o(Gf) f i
T BS(L-L,)=0 (2.16)

where 7 is the residence time. Eq(2.16) is an ODE and can be solved to estimate size independent

linear growth rate:

a __f
dL GTB 2.17)
B.C.f, = G- population of nuclei
Solving the ODE analytically:
1
In(f)=——VL+In(f,) (2.18)
Gr
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Linear growth rate can be estimated by plotting logarithmic steady-state population f against size

L as shown in Figure 2-32 [107].

In(f)
|
|

1
ln(f]f—aL+h1(f3)

Figure 2-32 Semilogarithmic population density versus size plot to predict growth rate.

Similar system of equations can be written for multistage MSMPR operations. Consider
the ith stage of a multistage MSMPR system, the inlet flow of the ith stage is equal to the outlet

flow of the i-1th stage:

oV, f) a(VGf)
ot

(V ) Q—1C| -1 QC _3Vikvpcj‘:GL2 fldL

Q—lf—l Q +ViB5(L_ Lo)
(2.19)

Eq(2.19) can be solved for each stage with i-1th stage being the feed for when i =1. Initial

conditions can be written similarly to Eq(2.15) based on the start-up procedure.

253 PFC
PBM can also be used to simulate continuous crystallization in the PFC with an added dependence

along the length z of the crystallizer. f then becomes dependenton t, L and z (i.e. f =f(t,L,2)).

Assuming crystal nucleation and growth are the only two significant mechanisms, the population
balance equation can be written as:

o(f) , 3(Gf) a(vf)
ot oL

=Bs(L-Ly,) (2.20)
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where v is the velocity of the particles which equals to volume flow rate divided by cross sectional

area. During steady-state, the PBM becomes:

a(Gf) | af) _ B

o e - Polb-h) (2.21)
ove) _ ©

" 3kVpCjLOG|_ ol

from which the particle size distribution and concentration traveling through the length of the PFC

can be solved.

2.5.4 Kinetic parameter estimation

To solve PBM, kinetic parameters listed in Eq(2.1), Eq(2.2) and Eq(2.3) must be known. In
practice, they are often estimated from carefully designed experiments by minimizing the sum of
square residuals of simulated concentration to experimental data with computer programs such as
MATLAB’s ‘Isgnonlin’ and ‘fmincon’. This approach can be challenging because crystallization
models are complex and may present many local solutions. More intelligent optimization
frameworks have been developed to systematically improve parameter estimation algorithms from
the basic least-square nonlinear optimization methodology [145], [146]. Summarizing these
techniques, two general approaches are often taken: algorithmic improvement and physical insight
incorporation. Algorithmic improvements include applying superior algorithms in attempt to find
a global and unique solution to the least-square optimization problem. An example of this is
applying genetic algorithm (GA) to find the best initial guesses by evolution. Uneducated initial
guesses often result in local solutions especially when solving highly nonlinear systems like
crystallization PBM. Other algorithm improvement techniques include model discrimination,
estimability analysis, identifiability analysis and other mathematical means to improve parameter
estimation meaningfulness and solution uniqueness. The other approach is to gain and apply

physical understanding of the system. Performing representative design of experiments (DoE),

64



applying PAT guided experiments, sequential kinetic estimation [26], [29] are all examples of how
to gain better understanding of the process. From these understandings, sensible constraints on
crystallization rates and particle size can be imposed onto the optimization algorithm steering the

system away from nonsensical solutions and limiting the search region significantly.

2.6 Integration of continuous crystallization and filtration

Operated as a slurry, crystallization is inseparable from its immediate unit operations such as
filtration, drying and granulation. Integration of continuous crystallization with downstream
operations is an important step towards end-to-end continuous manufacturing. However, there are
many challenges associated with the integration of unit operations including slurry transfer, spatial
constraints and scheduling. The immediate unit operation that follows crystallization is filtration.
Filtration is a difficult unit operation to run continuously and most continuous crystallization—
filtration studies apply an alternating semi-batch filtration system. Acevedo et al. [15] was amongst
the first to demonstrate a commercially available continuous filtration carousel (CFC system from
Alconbury Weston Ltd, AWL) which is shown in Figure 2-33. It consists of a wash solvent tank,
a clean in place (CIP) solvent tank and a five-port filtration carousel. A Poremet metal mesh filter
is installed at the bottom of the carousel covering port 1,2, 3 and 4 while leaving port 5 uncovered.
The CFC withdraws slurry from a hold-up tank and dispenses the slurry into port 1 via gravity,
wash solvent and CIP solvent are dispended into port 2 and 3. Port 4 inlet is blanked. Vacuum is
applied under the filter mesh to remove filtrate/solvent and air-dry the filter cake residing in port
1-4. Then the carousel is rotated one index counter-clockwise i.e. port 1 becomes port 2 for wash,
port 2 becomes port 3 for CIP etc. Port 5 is equipped with a piston at the top to push the filter cake
into the collector vessel at the bottom. The coupling of an MSMPR crystallizer and a CFC was

demonstrated in the study to obtain filtered paracetamol particles of an average moisture content
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of 22%. A similar unit with the addition of drying abilities has also been developed by AWL and
an initial study comparing to a batch bench-scale vacuum filtration unit has been carried out by
Ottoboni et al. [147]. However, there is a lack of detailed study aimed to develop mechanistic

understanding of operating parameters.

' (b) Slurry from continuous crystallizer
7. slurry
CIP 'wash
pl
Wash solvent
CIP solvent

solid ~
output

filtrate Vacuum pump Solid

Figure 2-33 (a) A picture of CFC manufactured by AWL and (b) schematics of the CFC.
Permission obtained from [15] Copyright © 2016 Elsevier B.V.
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Carousel

Figure 2-34 A continuous filtration drying unit developed by AWL. Permission obtained from
[147] Copyright © 2019 American Pharmacists Association® Published by Elsevier Inc.
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3. POPULATION BALANCE MODEL DEVELOPMENT,
VERIFICATION AND VALIDATION OF CARBAMAZEPINE
CRYSTALLIZATION IN A TRADITIONAL STIRRED TANK

CRYSTALLIZER

3.1 Disclaimer

The results obtained to construct this chapter was obtained at DPQR/OPQ/CDER at the FDA
Silver Spring campus (Maryland). The content in this chapter only reflects the views of the author

and should not be construed represent the FDA’s views or policies.

3.2 Introduction

Modern pharmaceutical development approaches emphasize product and process understanding.
This understanding forms the foundation for quality-by-design (DbQ) methodology to identify the
design space, the multidimensional combination of inputs and process parameters demonstrated to
provide assurance of product quality [148]. Mathematical and knowledge-based modeling is a
great tool to enhance the mechanistic understanding of different processes and potentially aid
design space investigation. While process modeling has been adopted by other industries for
decades, the adoption and implementation of process modeling in the pharmaceutical industry is
in the early stages. Pharmaceutical processes are unique compared to other industries because it
frequently requires solid and solid/liquid slurry handling at small throughputs with tight quality
requirements. The use of modeling of such processes can be challenging. A typical example of
such processes is crystallization.

To represent a crystallization process mathematically, the two main mechanisms, namely
nucleation and growth, must be incorporated to quantify the changes in and between solid and

solution states. Population balance modeling (PBM) does so by combining population balance
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equation and mass balance equation to simulate both solid particle population and solution
concentration. PBM can be developed by fitting simulated results such as solution concentration
and solid PSD to experimental results to estimate kinetic parameters of predefined Kinetic
expressions [61], [62], [149]-[153]. Because of the pharmaceutical industry’s high requirement of
product quality, it is crucial to identify model limitations and applicability based on the model risk.
While many studies have been carried out to develop, optimize and control crystallization
processes using PBM [67], [81], [91], [116], [125], [154], [155], there is a lack of studies in the
current literature that discuss the applicability of the crystallization PBM in a systematic manor.
In this work, a risk-based approach is taken to develop, verify and validate a PBM for the cooling
crystallization of carbamazepine in ethanol, the kinetics of which, to the best of my knowledge,
have yet to be studied in current literature.

As the industry move towards QbD, continuous processes have gained industry and regulatory
attention for its steady-state, or more accurately state-of-control, operation and online monitoring
capabilities [3], [10], [12], [14], [15], [18], [156]. PBM modeling is an especially useful tool for
understanding continuous crystallization. In the current literature, continuous crystallization
models are often developed by writing the PBM with added continuous terms while keeping the
kinetic parameters the same as batch experiments [17], [156], [157], whereas in practice there
might be deviations between continuous and batch kinetics depending on the operating conditions.
An additional short discussion is carried out in this work on the applicability of the PBM developed

with batch experiments on continuous processes for cooling crystallization of carbamazepine.
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3.3 Material and Methods
3.3.1 Experimental material and crystallizer setup

Carbamazepine (CBZ, purity 99.8% form Ill, Ria International) and ethanol (anhydrous
histological grade, Fisher Chemical) was chosen as the model system. CBZ has multiple well
characterized polymorphic forms [158]-[160] amongst which, Form 111, block-like shaped, is the
most stable form at room temperature up to 78<C [161]. X-ray powder diffraction (XRD) and
Raman (Kaiser Optical Systems. Inc.) as well as microscopic imaging confirmed all material and
product of CBZ in this study were Form I1l. Experiments were performed in a 400mL jacketed
glass vessel (EasyMax) featuring multiple ports capable of holding in-situ PAT tools. The
temperature and stirring speed were controlled via an EasyMax 402 system (Mettler Toledo). The
temperature was measured with a Pt100 resistant temperature detector. A Raman Rxn2 system
from Kaiser Optical Systems, Inc. (785 nm, 150-3425 cm™) was used to measure solute
concentration by applying a previously developed and validated calibration model [78]. A Focused
Beam Reflectance Measurement (FBRM, Mettler Toledo G400) was used to monitor chord length
distributions and particle counts. The volume-based PSD of the resulting CBZ crystals were
characterized offline using laser diffraction (HELOS, Sympatec). CBZ Form Il solubility in
ethanol was measured in-house and fitted to a second order polynomial equation shown in Figure

3-1.
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Figure 3-1 Solubility of Carbamazepine Form Ill in Ethanol and its fitted empirical equation
determined in-house.

3.3.2 Kinetic expression

While the exact mechanisms are not understood, growth, nucleation and dissolution rates are
generally formulated as supersaturation, temperature and size or magma density dependent semi-
empirical expressions. They are not entirely empirical. Instead, they have some basis in

crystallization theories and provide some mechanistic understanding of the process [28], [32], [33],

[47]:
E, .
G =k, (C=Coa )" BXp(-— D)1+, 1) (31)
B=k (C-C_,) Ex (—E)MMs (3.2)
s sat p RT .
D=k, (C, —C)" Exp(—g—f:_)(l+ a,L)" (3.3)

where M (mg solid CBZ/mL EtOH) denotes solid concentration and kg (um min"t mL% mg?9), g,
og (LM™Y), Lg, Eg (3/mol), ks (# mL? min mL*Ms {mg solution CBZ)™® {mg solid CBZ)™), s, M,
ka (Lm mintmLYmg?), d, Eq (J/mol), as (um™), Lg are kinetic parameters. These kinetic

parameters are estimated by a least-square based optimization algorithm which tries to fit
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concentration obtained described in section 2.5.4 and product volume-based PSD quantiles D10,
D50 and D90 to experimental results. The PBM is solved numerically using a high-resolution finite
volume (HRFV) method which is discussed in detail in the Appendix. Elimination of several
kinetic parameters is possible which may improve or worsen the fitting of the model. The exercise
of testing different formulations of the rate expressions is a form of ‘model discrimination’ practice
[162], [163] which was carried out during the development of PBM in this study. Parameter
estimation and confidence intervals (related to variable correlation) in each model discrimination
exercise were performed with MATLAB function ‘Isqnonlin’ (trust-region-reflective algorithm)
and ‘paramci’. The final selection of the rate expression formulation was based on the goodness

of fit and the correlation between parameters.

3.3.3 Experimental methods for kinetic model development

Batch cooling crystallization of CBZ in ethanol were carried out to estimate the values of
dissolution, growth and nucleation parameters. To simplify the estimation of parameters,
experiments were designed in such a way that only one phenomenon occurs/dominates in each set
of experiment [29], [164]. As a result, the correlation between kinetic parameters may be reduced
or eliminated. For each phenomenon (growth, nucleation, and dissolution), 4 experiments were
performed, all of which were carried out in the EasyMax system at 350 rpm and 350 mL batch
volume. To study growth, cooling crystallization experiments were carried out at slow cooling
rates and high seed loading to prevent nucleation. FBRM was utilized to monitor particle counts.
Initial concentration (40 mg CBZ/mL EtOH), seeding temperature (35 <C), final temperature
(20 <€) and seed loading (10 wt%) were unchanged among the set of four growth experiments.
Seed size was varied between (1) 75-125 um or (2) 125-212 um and cooling rate (f) was varied

between 0.05 <T/min or 0.1 <T/min. To conduct nucleation dominated experiments, faster cooling
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rates were applied. Growth was minimal as confirmed by offline size measurement. Initial
concentration (40 mg/mL), seeding temperature (35 <C), final temperature (15 <C) and seed size
(125 — 212 um) were fixed while seed loading was varied between 5 wt% or 10 wt% and cooling
rate was varied between 0.5 <T/min or 0.35 <T/min. For dissolution, a set of four isothermal
experiments were carried out at 15 °C, 20 °C, 25 °C and 35 °C. Sieved ‘seed’ crystals of size 75-
125 um were added into the pre-heated/cooled solvent at the beginning of the experiment at the
amount corresponding to the solubility at that temperature. A summary of dissolution, growth and

nucleation experiments is shown in Table 3-1.

Table 3-1 Experimental conditions of dissolution, growth and nucleation experiments.

Cinitial p Seed Seed Size
Experiment  (mg/mL)  Tinitial (C) Tfina (T) (T/min)  Loading  (num)
Growthl 40 35 20 0.05 1.6g (10%)  75-125
Growth2 40 35 20 0.05 1.6g (10%)  125-212
Growth3 40 35 20 0.1 1.6g (10%)  75-125
Growth4 40 35 20 0.1 1.6g (10%)  125-212
Nucleationl 40 35 10 0.35 0.89 (5%) 125-212
Nucleation2 40 35 10 0.35 1.6g (10%)  125-212
Nucleation3 40 35 10 0.5 0.89 (5%) 125-212
Nucleation4 40 35 10 0.5 1.6g (10%)  125-212
Dissolutionl 0 15 15 0 6.4¢ 75-125
Dissolution2 0 20 20 0 7.69 75-125
Dissolution3 0 25 25 0 9.29 75-125
Dissolution4 0 35 35 0 149 75-125

While nucleation may be suppressed by cooling slowly, growth of crystals in
supersaturated solution is inevitable in supersaturated conditions, thus growth rate must also be
considered during parameter estimation for the set of nucleation experiments. The strategy is to
first obtain growth parameters and use them to aid the parameter estimation for nucleation. Then

during nucleation parameter estimation, growth parameters were allowed to refit along with

73



nucleation parameters to nucleation experimental data because in retrospect, some nucleation
could have taken place and gone undetected by the FBRM; growth Kinetics obtained from growth
experiments should still be close to their true values and thus can serve as an initial guess during
the nucleation parameter estimation and its range was restricted to £20% to minimize the search
space during optimization. Dissolution phenomenon is completely isolated since the solution was

not supersaturated at any point in dissolution experiments.

3.3.4 Model verification and validation

The PBM was developed to simulate carbamazepine crystallization. The context of use (COU) for
the model is to enhance the mechanistic understanding of the batch and continuous crystallization
of CBZ. The PBM is being used to support process development and can be classified as low
impact. There are limitations and assumptions associated with any given computational model that
must be understood to assess whether the model is fit for use. To assess the credibility of the
developed PBM for the specific COU, a series model verification and validation (V&V) activities
were conducted using a risk-based framework [165], the overview of which is illustrated in Figure
3-2. The rigor of each activity is dependent on the models COU and example levels (level a->d
with increasing credibility goal) of detailed V&V activities are given in the referenced guide
published by American society of Mechanical Engineers (ASME) [165]. The verification and
validation activities conducted as part of this study are summarized in Table 3-3; All model
verification activities as well as governing equation model input uncertainty validation activities
are evaluated with a hypothetical cooling batch experiment: seeded CBZ crystallization at 8% seed
loading with 75-125 um size operated at 0.4 <C/min cooling rate from 35 <C to 20 <C. If the COU
of the model changes, additional V&V activities may need to be performed to establish the

credibility of the model for its expanded role.
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Figure 3-2 A short overview of risk-based model V&V activity structure according to AMSE V&V
40 standard [165].
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Table 3-2 Detailed model verification and validation activities entailed in this study and rationale
of the level of rigor selected for each activity according to ASME V&V40 [165].

Detailed Activity

ASME V&V 40 Example Activity Level and Rationale

Model verification = code verification
Little to no SQA or NCV performed.

Low-level (a level) rigor is selected: MATLAB software is
widely accepted as reliable and consistent. Thus, SQA was not
carried out. The HRFV solution method of crystallization PBM
has been shown in past literature to have second order accuracy.
Discontinuities in input and solution are not expected.

Model verification = calculation verification

Discretization error: size discretization
of 50, 60, 70, 90, and 100 tested to
observe convergence.

Numerical solver error: ‘ode45’ solver
parameter settings changed around their
default values as well as two other
MATLAB ode solvers were tested.

User error: Verification of key inputs
by author and colleague

Mid-level (b level) rigor is practiced: discretization convergence
analysis without error estimation. The coarsest discretization, at
which further discretization does not increase accuracy, should
be selected. Discretization in time is not examined because the
ode solver determines the step size in time in each time step.

High-level (c level) credibility is achieved by accessing the
convergence of solution when the solver parameter settings were
changed and when the solution method (solver choice) was
changed for a crystallization experiment in silico.

Mid-to-high level (c level) rigor of exercise is carried out: key
inputs are verified by the practitioner and an internal peer.

Model validation = computational model

Model form: Model discrimination
carried out to examine different kinetic
expressions.

Model inputs:  Uncertainty and
sensitivity analysis performed for key
inputs (Kinetic parameters).

Model validation - comparator

Four additional batch crystallization
experiments (Table 3-3) performed to
compare with simulated concentration
and product quantile results.

Model validation = assessment

Mid-level (b level) exercise is carried out to observe the
influence of key model form by comparing it to other possible
forms.

Mid-level (b level) practice is performed to examine the model
sensitivity to its inputs (kinetic parameters) and the uncertainties
of the inputs which are calculated using MATLAB’s ‘paramci’.

Mid-level (b-c level) of credibility is achieved by comparing
experimental results to simulation results. The experimental
conditions were different than those for model development but
in the same range.

Table 3-2 continued
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Little to no input and output parameters Low-level (a level) of rigor is practiced because the input and

equivalency activity performed. output parameters are straight forward. Concentration
measurement was validated in previous work. PSD measurement
was carried out in well-established equipment and procedure
(however not yet experimentally validated).

Table 3-3 External batch validation experimental conditions.

Cinitial p Seed Seed Size
Experiment  (mg/mL)  Tinitiat (C)  Tina(T)  (CT/min) Loading  (um)
Vall 40 35 10 0.2 1.28 (8%)  125-212
Val2 40 35 10 0.4 0.96 (6%) 125-212
Val3 40 35 10 0.2 1.6 (10%)  125-212
Val4 40 35 10* 0.2* 1.6 (10%) 75-212

*In Val4, the crystallizer was first cooled from 35<C to 10<C at 0.2<C/min followed by a rapid
heating step from 10<C to 45<C at 1 <C/min.

3.3.5 Continuous crystallization

The verified and validated batch model was then used to simulate two continuous crystallization
experiments, one in a single stage MSMPR system and the other in a two-stage MSMPR system.
Both continuous crystallization experiments were cooling crystallization of CBZ where both feed
and product removal were operated continuously with peristaltic pumps. The detailed experimental
conditions are listed in Table 3-4. In the single stage experiment, 350mL of saturated solution was
preloaded with 10% seed loading in the crystallizer at 20 <C as the start-up condition. The
continuous operation started about 1 minute after the seed was loaded to achieve uniform
suspension. The two-stage continuous experiments featured the same start up procedure in the first
stage, but the second stage started empty. The slurry transfer between stage 1 and 2 started at the
same time as the feed into stage 1 started while the product removal of stage 2 started after the
volume of stage 2 reached 350mL. The level was maintained via a previously developed level
control system [23]. In the two-stage continuous crystallization experiments, a disturbance of

stepwise increase and decrease in temperature was applied in the second stage.
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Table 3-4 Single stage and two-stage continuous crystallization experimental conditions.

Exp Cteed(mg/mL) seed loading T(<C) Volume (mL) t(min)
SingleStage 39 10% 20 350 20
TwoStage 40 10% 20* 350 40, 20 of each stage

*A stepwise up and then down disturbance in temperature was applied to the second stage.

3.4 Results and Discussion
3.4.1 Kinetic model discrimination and parameter estimation

Model discrimination can help identify a superior kinetic expression for parameter estimation.
Growth kinetics was estimated using slow cooling experiments listed in Table 3-1 where
nucleation was assumed to be absent. One example experimental profile (Growthl) is shown in
Figure 3-3 where the particle count (red solid line) did not increase and square weighted mean
chord length (SWMCL, green dashed line) increased indicating a likely growth dominated process.
The following 5 growth models (GMs) were the main growth models tested in the following order

with the previous fitted results serving as the initial guess for the following model:

GM1=k, (C-C,,) (3.4)
GM2 =k, (C-Cy,,)" (3.5)
E
GM3 =k, (C - C,,)* Exp(-=2) (3.6)
RT
g Eg
GMA4 =k, (C~C,y)" BXp(— )L+, L) 3.7)
g9 Eg Ly
GMS =k, (C - C.y)? Bp(-=2)(1+ @, L) (3.8)

Each model was fitted using ‘Isgnonlin’ in MATLAB by minimizing the sum of square residuals
of simulated concentration as well as final product quantiles to experimental data obtained in the

growth experiments:
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100 10,50,90

j = Z(Cexp,i _Csim,i)2 +Wp - z (Dexp,k - Dsim,k)2 (39)

i=1 k
where j denotes the objective function value, Cexp,i, Csim,i represents the experimental and simulated
concentration at ith time step, respectively, wp is some weight given to product quantile
comparisons and Dexpk, Dsimk represents the experimental and simulated product size at kth
quantile where k =10, 50 or 90, respectively. If concentration data was not measured exactly at the
ith time step, linear interpolation was applied. Higher weight was given to D50 than D10 or D90.
In addition to the residual of the fit, the correlation matrix was also calculated based on the
Jacobian to ensure little to no correlation was present amongst the parameters. If correlated
parameters were present, for example if parameter g is highly correlated with kg and Eg, a new
‘Isgnonlin’ optimization would be run with g fixed at either the previously fitted value or another
value that makes physical sense based on past experience. For a highly nonlinear system like a
crystallization PBM, it is extremely difficult to prove global optimality. However, efforts were put
in during this study by perturbing and drastically changing the initial guesses while repeating
‘Isgnonlin’ optimizations for a more stable ‘optimal’ solution. The mean square error (MSE) of
concentration and product quantiles are compared in Table 3-5: GM5 was chosen to be the best
growth rate formulation because it fitted well to experimental data and no correlations between
parameters were observed. GM5 considers the effect of supersaturation and temperature on first
order size dependent growth rate. Simulated and experimental results of growth experiments are
shown in Figure 3-4 and Table 3-6. The MSE of GM5 fitted concentration is 5.73 (mg/mL)? which
corresponds to 8.0% relative error. The MSEs of D10, D50 and D90 are 5319 pm?, 349.7 pm?,
and 3448 pLm? which correspond to 71%, 11%, and 24% relative error respectively. D50 is much
better represented by the model than D10 and D90 which is to be expected because D10 and D90

were given much less weight than D50 in the objective function. The errors associated with the
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measurement of D10 and D90 are known to be much higher than D50 by laser diffraction type of

PSD measurement such as HELOS.
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Figure 3-3 Operating profile of slow cooling growth experiment ‘Growth1’.

Table 3-5 Comparison of the mean square error (MSE) in concentration and PSD quantiles of five
growth models.

Conc MSE (mg?/mL?)  Quantile MSE (pm?)

GM1 13.6 7246.1
GM2 5.32 7309.7
GM3 6.45 7291.7
GM4 8.44 3039.0
GM5 5.73 2363.2
Growth1 Growth2
3 st 3 st
E L E
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Figure 3-4 Fitted concentration result of GM5 compared to experimental concentration results of
growth experiments 1-4.

Table 3-6 Simulated product PSD quantiles of GM5 compared to experimental results of growth
experiments 1-4.

D10 (pm) D50 (um) D90 (um)
Exp Model Exp Model Exp Model
Growthl 7552 2584 1325 119.0 1833 2329
Growth2 1128 3291 2123 2223 287.8 3483
Growth3 89.87 6952 1442 121.3 1975 2259
Growth4 1224 32.04 1957 2199 258.8 341.7

Secondary nucleation kinetics was estimated using fast cooling crystallization experiments
described in Table 3-1. An example operating profile of exp ‘Nucleation4’ is plotted in Figure 3-5
where total particle count increased significantly indicating nucleation while SWMCL also
increased suggesting that growth was also present. Therefore, both nucleation and growth must be
considered. Growth kinetics had already been determined which can be used directly in secondary
nucleation parameter estimation. However, it can improve the model without much burden on the
optimizer to allow growth parameters to refit in a small range (+ 20% of its originally fitted values)
along with nucleation parameter estimation. While GM5 is fixed, nucleation Kinetic expressions

(BM) were varied for model discrimination:

BM1=k (C-C,,) (3.10)
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BM2=k (C-C,,)° (3.11)

ES

BM3=k, (C—C,,)° Exp(— 3.12
+(C=Ca) BXp(- 1) (3.12)
S E Ms
BM4 =k, (C ~C.,)" EXp(- =M (3.13)
Es \ns2
BMS =k, (C —Cyp JEXP(- )M (3.14)

BM1-3 formulations are also commonly used to describe primary nucleation while BM4-5 are
exclusive secondary nucleation rate expressions where the solid effect is taken into consideration.
BMS5 is a variation of BM4 where s and Ms were fixed to be 1 and 2 respectively because the
correlation matrix of BM4 fitted parameters showed high correlation between s, Ms, ks and Es.
Different initial guesses were tested to obtain a more stable solution for each of the rate expression.
In addition, different combinations of GM’s and BM’s were also tested but other GMs significantly
underperformed compared to the combinations of GM5 with various BMs. The MSE of
concentration and product size quantiles of GM5 combined with various BM’s are shown in Table
3-7. BM5 outperformed other nucleation models with little to no correlations amongst the
parameters. The comparison between simulated concentration based on GM5-BM5 and
experimental results is shown in Figure 3-6 and the comparison of product size quantiles is shown
in Table 3-8. The concentration MSE is 6.49 (mg/mL)?or relative error of 9.1%. The MSE of D10,
D50 and D90 are 14589 pm?, 171.8 m?, and 5793 pm? which corresponds to the relative errors
of 85%, 4.1%, and 24% respectively. Similar to growth parameter estimation results, the errors of
D10 and D90 are much larger than that of D50 because they were not given much weight in the

objective function.
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Figure 3-5 Operating profile of a fast cooling experiment ‘Nucleation4’.

Table 3-7 Comparison of the MSE in concentration and product PSD quantiles of the five
nucleation models.

Conc MSE (mg®mL?)  Quantile MSE (Jum?)

BM1 53.7 51338
BM2 35.6 50382
BM3 8.44 6852.6
BM4 8.28 6854.4
BM5 6.49 6528.8
Nucleation1 Nucleation2
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Figure 3-6 Fitted concentration results of GM5-BM5 compared to experimental concentration
results of nucleation experiments 1-4.

Table 3-8 Simulated product PSD quantiles of BM5 compared to experimental results of
nucleation experiments 1-4.

D10 (um) D50 (pm) D90 (pm)
Exp Model Exp Model Exp Model
Nucleationl 129.8 22.19 2299 228.1 3014 400.1
Nucleation 2 141.2 1742 2275 2142 291.1 347.7
Nucleation 3 143.2 25.81 236.8 236.0 3014 3948
Nucleation 4 153.2 20.25 2416 219.1 306.2 344.9

Dissolution kinetics were estimated with concentration data of isothermal dissolution

experiments listed in Table 3-1 along with a model discrimination exercise. The concentration,

temperature and particle count profiles of the experiment ‘Dissolutionl’ are plotted in Figure 3-7.

The three dissolution kinetic models are as follows:

DM1=k, (C

sat

DM2 =k, (C

C)"

E
—C) Exp(——L
« —C) Exp( RT)

DM3 =K, (C.y —C)* EXp— =)0+, L)'

(3.15)

(3.16)

(3.17)

The three models fitted similarly as shown in Table 3-9 with DML slightly outperforming DM2

and DM3. Therefore, DML1, the simplest formulation of dissolution kinetics was selected. Fitted
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concentration data of the four experiments are plotted in Figure 3-8. The concentration MSE of

DML1 is 20.78 (mg/mL)? which corresponds to 10.6% relative error.
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Figure 3-7 Operating profile of an isothermal dissolution experiment ‘Dissolution]’.

Table 3-9 Comparison of the MSE in concentration and product PSD quantiles of the three
dissolution models.

Model Conc MSE (mg?/mL?)

DM1 20.78

DM2 21.35

DM3 21.22
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Figure 3-8 Fitted result of DM1 compared to experimental concentration data.

In summary, GM5, BM5 and DM1 were selected so that the PBM becomes Eq(3.18) when
supersaturated and EQ(3.19) when undersaturated. Estimated kinetic parameter values and their
95% confidence interval (Cl) are listed in Table 3-10. The confidence interval of each parameter
is of a reasonable range as a result of correlation matrix examination during parameter estimation
to eliminate correlated parameters eliminating extremely wide confidence intervals.

of  aGh)

=BS(L - —=—3k “GL2 fdL
o =Ba(L- L) .,
E
where G =k, (C -C,,)* Exp(—ﬁ)(u a,L)" (3.18)
E
and B=k_(C—-C_ )Exp(——=)M?
S( sat) p( RT)

a,odh ‘:j—C=—3kvpcj:DL2de
ot oL t (3.19)

where D =k (C

sat

E
-C)’ EXD(—ﬁ)

Table 3-10 Estimated PBM kinetic parameter values and their 95% confidence interval.

Param. Unit Value 95%ClI- 95%ClIl+
Kg [pm mint mL9 mg 9] 0.15695 0.15676 0.15713
g [-] 2.17415 2.17372 2.17458
Eg [kd/mol] 10.3325 10.3305 10.3345
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Param. Unit Value 95%ClI- 95%CIl+

0g [Lm™] 0.01168 0.01153 0.01182

Lg [-] 1.17650 1.17619 1.17681

Ks [#-mLt mint mLS* M- ACS MM 1.0002>10° 0.99997x10°  1.0003x10°
Es [kJ/mol] 26.572 26.566 26.578

Kd [Lm mint mLY mg] -0.04414 -0.04414 -0.04414

d ] 1.79373 1.79373 1.79374

3.4.2 Model verification

Size discretization was studied to identify discretization errors as the first model verification
activity. Size discretization examination is an important yet often neglected step during model
development. The finer the grids, the more accurate the solution will be while finer discretization
increases computational cost, in some cases so much so that the simulation time becomes
unrealistic. Therefore, it is crucial to find a fine enough discretization such that increasing
discretization no longer changes the solution significantly which is how the number of
discretization was determined in this study: the same ‘in-silico’ experiment described in section
3.3.4 was simulated at 50 to 100 discretization with an increase of 10 between each simulation.
Finer discretization was not considered because of the experimental limitation that the offline size
measurement HELOS only gives 32 size discretization bins. Changes in simulated dynamic
concentration and size quantiles solutions were quantified by the maximum relative difference at

each time step:

‘pri -C

st,i

Cremitt max = MAX( ) (3.20)

st

st,i

D10, - D10
X (—=

DlOReIDiff ,max = MA DlO

(3.21)

st
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st,i

D50, — D50
X (—=2

D5ORe|Diff,max =MA D50 3.22)
st
D90, — D90,
D90ReIDiff,max = MAX( D90 (323)

st
where subscript ‘RelDiff,max’ denotes the maximum relative difference of all time steps and
subscripts ‘p,i” and ‘st,i’ represent the simulated data of perturbed settings (in this activity, 50, 60,
70, 90, 100 discretization bins) or standard/default settings (in this activity, 80 discretization bins)
at ith time step respectively. The experimental relative errors of the D10, D60 and D90
measurements are conservatively taken to be 15%, 10%, and 15% respectively. The results are
shown in Table 3-11 where simulated concentration, D10, D50 and D90 do not vary significantly
compared to experimental errors at 80, 90 and 100 discretization however, coarser grids result in
significant variations especially for D10. Therefore, discretization of 80 was the optimal choice
because increasing discretization did not change the solution significantly anymore compared to

experimental error.

Table 3-11 Maximum relative difference in dynamic concentration and PSD quantiles with various
size discretization.

# of Discre. CRelDiff, max D 10RelDiff,max D50RelDiff,max D90RelDiff,max
SimO0 80 - - - -
Sim1l 100 0.62% 11.9% 2.37% 0.62%
Sim2 90 0.43% 6.31% 1.84% 0.38%
Sim3 70 1.04% 21.0% 5.47% 1.12%
Sim4 60 1.74% 34.3% 8.50% 1.91%
Sim5 50 1.73% 30.8% 6.50% 2.05%
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To identify numerical solver errors, the ODE solver parameters were changed. The ODE
parameter settings studied were relative tolerance (default value 1x107), absolute tolerance
(default value 1>10F), and maximum step size (default 0.1 X |tfina; — tiniciar|)- Six simulation
exercises were carried out with each parameter perturbed one at a time as shown in Table 3-12.
The maximum relative differences of simulated concentration and size quantiles between
perturbed simulations (Sim1-6) and the default simulation (Sim0) are extremely small. Therefore,

the parameter settings presented negligible to no error to the numerical solution of the PBM.

Table 3-12 Maximum relative changes in concentration and size quantiles with varying ‘ode45’
parameter settings in MATLAB.

ODE Parameter Setting Maximum Relative Difference

TolRel Tolabs Max Step C D10 D50 D90
Sim0  1x10° 110 15 - - - -
Siml 1x10° 1x10° 1.5 <<0.01% <<0.01% <<0.01% <<0.01%
Sim2  1x10* 1x10° 1.5 <<0.01% <<0.01% <<0.01% <<0.01%
Sim3  1x10° 110 1.5 <<0.01% <<0.01% <<0.01% <<0.01%
Sim4 1x10° 1x10° 1.5 <<0.01% <<0.01% <<0.01% <<0.01%
Sim5  1x10° 110 0.15 <<0.01% <<0.01% <<0.01% <<0.01%
Simé  1x10° 110 15 <<0.01% <<0.01% <<0.01% <<0.01%

Different choices of ODE solvers were also explored as a model verification activity. There
are a number of ODE solvers specializing in solving different types of systems (stiff vs nonstiff)
featuring different levels of accuracy and efficiency. ‘0de45’ specializes in solving nonstiff
problems at medium accuracy and should be the first solver to try as recommended by MATLAB
software. Two other solvers tested in this study are: ‘0de113” and ‘0del5s’. ‘odel13’ specializes
in solving nonstiff problems at low to high accuracy and ‘0del5s’ can solve stiff problems with
low to medium accuracy. A detailed description of MATLAB ode solvers can be found in the work

by Shampine & Reichelt (1997) [166] and a summarized guide to choose an ODE solver can be
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found in MATLAB helpfiles. Settings of each ODE were kept as default values. The maximum
relative difference of concentration and size quantiles are listed in Table 3-13. The differences in
solutions caused by different ODE solver choices were very small. By studying the sensitivity of
solution to ODE solver settings and choices of ODE solver, numerical solver errors were identified

and confirmed to be minimal and negligible compared to experimental errors.

Table 3-13 Maximum relative changes in concentration and size quantiles with different ODE
solvers in MATLAB.

Solver CRelDiff,max D 10RelDiff,max D50RelDiff,max D90RelDiff,max
Sim0 ode45 - - - -
Siml 0del5s <0.01% 1.21% <0.01% 0.02%
Sim2 00e113 0.01% 1.66% 0.01% 0.04%

3.4.3 Model validation

An uncertainty study of model output to kinetic parameter values was carried out as a part of
governing equation validation. 100 sets of kinetic parameters were randomly selected in their
95% confidence interval space. This random sampling technique is commonly knowns as the
Monte-Carlo method. The in-silico batch experiment described in section 3.3.4 was simulated for
every sample set of kinetic parameters. The final concentration, and final product size quantiles
were simulated. The mean, standard deviation and coefficient of variation (C.V., the ratio of
standard deviation to mean) are shown in Table 3-14. The uncertainty in concentration and
product size quantiles caused by uncertainties in estimated kinetic parameters is minimal and

neglectable compared to experimental errors.

Table 3-14 The mean, standard deviation and coefficient of variation of the final concentration and
PSD quantiles in the kinetic parameter sensitivity study.

C(mg/mL) D10(um) D50(um)  D90(pum)
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L 28.09 18.81 117.9 221.4
c 0.021 0.019 0.404 0.370
CV  0.07% 0.10% 0.34% 0.17%

The four validation experiments listed in Table 3-3 were carried out as model validation
comparators. The comparison of predicted and experimental concentration is plotted in Figure 3-9
where simulated concentration followed the experimental trend with some underprediction. The
MSE for concentration predictions in experiment 1-3 are 17.9 (mg/mL)?, 8.34(mg/mL)?, and 2.70
(mg/mL)?which correspond to 13.8%, 8.2%, and 2.70% relative errors. In validation experiment
4, simulated concentration followed the general decrease followed by increase trend but
underpredicted towards the end of the cooling cycle and during dissolution. The MSE is 37.2
(mg/mL)? or 18.4% relative error. The lack of fit during dissolution may be caused by the design
of dissolution parameter estimation experiments during which sieved seeds were used whereas in
validation experiments, crystallizaiton products were dissolved directly after crystallization. In
addition, validation 4 dissolution was induced by a fast heating ramp while dissolution model
development experiments were isothermal. The simulated PSD quantiles and the relative errors
are listed in Table 3-15. D50 as the most heavily weighted parameter in the estimation objective
funtion was well predicted in experiment 1 and 2 where the error is less than 15% but significantly
overpredicted in experiment 3. This is likely due to the seed size being unseen by the model during
development. Nucleation kinetics are highly sensitive to seeding conditions and consequently, it
is commonly observed that the kinetic parameters would change drastically for different seeding
strategies which in turn causes size prediction to underperform using the same kinetics for different
seeding strategies [28], [32], [33], [87], [167], [168]. Nucleation kinetics are generally expected to
be difficult to estimate because of its stochastic nature but they significantly influnce product PSD.

In addition, there are a few sources of errors associated with offline PSD measurements that may
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contribute to the discrepancy between model prediction and validation experiments including
inevitable inconsistency of sampling, handling, filtration and drying procedures, as well as
instrument error. Volume based laser diffraction PSD measurement techniques has been criticized
for its lack of accuracy [169]-[173]. Perhaps less obviously, there are also numerical errors when
converting volume-based PSD to number-based population distribution (and back) when solving
the PBM. Therefore, it is reasonable to conclude that the model is validated only for experiments
that use 125-212 um seeds at low to medium risk. Application of the model to predict product size

that do not apply the same seeding strategies as training experiments requires further investigation.
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Figure 3-9 Comparison of experimental and simulated dynamic concentration of batch validation
experiments.

Table 3-15 Simulated product PSD quantiles compared to validation experimental results.

D10(um) D50(um) D90(um)
Exp Model RelErr Exp Model RelErr Exp Model Rel Err
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Vall 80.07 14.86 81.44% 2843 2482 12.70% 3739 4051 8.34%
Val2 1245 2158 82.67% 254.6 2249 11.67% 341.0 384.1 12.64%
Val3 9534 1569 83.54% 1594 2039 27.92% 227.2 339.7 49.52%

3.4.4 Discussion of model on continuous crystallization

In continuous crystallization, if the crystallizer dimension, hydrodynamics and solid concentration
are similar to that of batch operations, the batch-validated model may transfer to continuous
crystallization. To test this, two continuous experiments were carried out in a single stage and two-
stage MSMPR system as shown in Table 3-4. The two continuous experiments dynamic
concentration and D50 results were compared to simulated values using batch kinetics in Figure
3-10. In the single stage experiment shown in Figure 3-10a, the model slightly overpredicted
concentration while underpredicted particle size (D50). The MSEs of concentration and D50 were
9.44 (mg/mL)? and 5875 pm? or mean relative errors of 9.94% and 39.2%. Growth rates were
likely underpredicted by the model, which is to be expected because during parameter estimation,
slow cooling batch experiments were carried out where supersaturation level was low (less than 7
mg/mL of absolute supersaturation) while in the single stage continuous experiment,
supersaturation level was higher (~11 mg/mL). In the two-stage experiment on the other hand,
both the concentration and particle D50 of the second stage were better predicted (Figure 3-10b)
than the single stage experiment: the MSEs are 7.73 (mg/mL)? and 461.8 pm? or relative errors of
7.80% and 18.0% respectively. The supersaturation in the second stage (~9mg/mL) was lower
compared to the single stage experiment as the first stage had consumed some supersaturation and

the second stage supersaturation was closer to those of batch experiments. The concentration and
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particle size in the first stage were not monitored during experiments because they are essentially

repetitive information as the single stage experiment.

Figure 3-10 Comparison of experimental and simulated dynamic concentration, and D50 of (a)
Single Stage and (b) Two-stage continuous crystallization experiments.

The number of particles in the crystallizer is another crucial process parameter to monitor.
FBRM can be used for qualitative particle count analysis in experiments. It is important to note
that FBRM measurement is not a quantitative indication of the actual number of particles in the
crystallizer, nor is it a reliable indicator when comparing across different experiments to infer, for
example, which experiments contained more particles. Depending on the equipment setup, the
FBRM may give different readings of identical slurries if the FBRM has been moved. However,
the trend of FBRM count measurement within one experiment gives important information about
the changes in particle count over time. The FBRM measurement trend was compared to simulated
particle counts which were obtained by calculating the zeroth moment (jb) of the population

distribution f in Figure 3-11a&b.
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Figure 3-11 (a) FBRM total particle count measurement and (b) simulated particle count of the
continuous experiments.

In the single stage experiment, the simulated b followed a similar trend as the FBRM
measurement (black solid line) if the FBRM fouling events around 4.5 residence times are ignored:
FBRM showed a decrease between 1-2 residence times as correctly predicted by the model
indicating a washout event followed by an increase as a result of nucleation. This further reinforces
the conclusion that the deviation of the model prediction of D50 to experimental results was likely
due to the underprediction of growth kinetics instead of nucleation. In the two-stage experiment,
the FBRM measurement in the first stage (blue dashed line) showed a slight decrease at around
one residence time where the model also showed a decrease; However, it is inconclusive whether
or not it is due to a washout as the model indicates or pure noise followed by fouling. FBRM
measurement in the second stage (red dotted line) did not show a decrease where model predicted
the first washout event because of the low slurry volume in the second stage during the first
residence time. The model correctly predicted the particle count increase and decrease following

the temperature step-up and down around 4 residence times shown by FBRM measurements.
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Overall the model suggested similar events as experimental results of the two continuous
operations tested.

However, the same level of performance as the two experiments discussed above was not
observed for some of the other continuous experiments conducted (not specifically for this study)
where the conditions were vastly different from the batch experiment. Because crystallization
processes operate entirely in thermodynamically metastable conditions, the kinetics are heavily
influenced by slurry conditions especially by supersaturation and seeding strategies. Different
mechanisms of nucleation and growth (and potentially agglomeration, breakage etc) are present at
different supersaturation levels and solid conditions [28], [32], [33], [47]. It is very difficult to
capture the different mechanisms with a single empirical/semi-empirical model. The
misrepresentation of crystallization Kkinetics leads to the misprediction the solution and solid
concentration which subsequently further steer crystallization kinetics away from their true values.
Therefore, it is important to carefully design parameter estimation experiments to match the
solution supersaturation and solid properties to the intended processes design space. In addition, it
is also important to ensure sufficient particle suspension and efficient slurry transfer as they are
assumed by the model. Particle settling, inhomogeneous slurry removal and/or transfer line
blockage may cause particle accumulation and system deviation from steady state operation as
often observed in poorly designed stirred tank MSMPRs [18], [32], [96]. Sufficient mixing is also
important to lessen or eliminate local supersaturation which may cause spontaneous primary
nucleation despite of existing crystal particles in the slurry [32], [33], [174]-[176]. As primary
nucleation is not well understood and extremely stochastic, this phenomenon usually cannot be

accurately captured by simple kinetic models.
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3.5 Conclusion

A PBM was developed for the cooling crystallization of CBZ. Growth, nucleation and dissolution
kinetics were estimated sequentially with specially designed growth, nucleation and dissolution
dominated experiments respectively. Model discrimination was carried out during parameter
estimation to test for different formulations of the kinetic expressions. The final PBM fitted
concentration within or close to the experimental concentration error range as well as product D50
while D10 and D90 were not well fitted due to their low weight in the objective function. To
address the gap in the current literature of discussing the applicability of PBMs, verification and
validation activities were carried out following the guideline of ASME V&V40 reaching the
credibility goal of low risk applications (process understanding). Model verification activities
included quantifying the errors associated with size discretization, solver parameter settings and
solver choice which were verified to be negligible. For model validation, the governing equation
was first validated by an uncertainty study that indicates negligible sensitivity of the system to the
uncertainties in kinetic parameters. The validation comparators were examined by comparing the
model performance to four additional validation experiments that featured ‘unseen’ seeding
strategies and cooling rates. The concentration followed the experimental trend, but the product
size quantiles were only validated for seed size 125-212 um. Therefore, the model was not
validated for particle size prediction applications where seeding strategies differ from training
experiments. A final discussion was given on the ‘transferability’ of batch crystallization kinetics
to continuous operations. For the system in this study, the kinetics were transferable in continuous
operations under similar solution and solid conditions as batch training experiments. The model
was observed to deviate severely from experimental results in continuous experiments that
operated at vastly different supersaturations and solid concentrations from batch training

experiments. Crystallization systems may exhibit different nucleation and growth mechanisms at
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the microscopic scale under different supersaturations and solid concentrations which explains
why a PBM developed with batch experiments would not be able to describe continuous operations

of largely different conditions.

98



4. SYSTEMATIC PROCESS DEVELOPMENT OF CONTINUOUS
CRYSTALLIZATION IN AN INNOVATIVE OSCILLATORY BAFFLE
REACTOR: RESIDENCE TIME DISTRIBUTION STUDY

4.1 Introduction

There are limitations associated with impeller-induced mixing in a traditional STC such as poor
local mixing and high shear. Another system that has been gaining interests in the crystallization
community for its near plug flow residence time distribution (RTD) profile is the tubular
oscillatory flow baffled crystallizer (OFBC) consisting of several baffled tube segments and an
oscillating plunger. However, the OFBC often requires high oscillatory velocities to keep particles
suspended leading to more widely spread RTD. To address the gap between the inherent poor
mixing dynamics of a continuous STC and the complex design challenges of an OFBC, a dynamic
baffle crystallizer, also known as an oscillatory baffle reactor (OBR) is systematically studied as a
rising candidate for continuous crystallizer. An OBR is a jacketed crystallizer with baffles attached
to an oscillating shaft to provide mixing. To operate continuously, it is designed to operate as an
MSMPR with an input and an output line similar to those commonly found on an STC.

Oscillatory mixing, provided by dynamic baffles, has been shown to improve heat and
mass transfer while imposing less shear [177]-[182], promising for crystallization processes. The
unique oscillatory fluid dynamics can be characterized by a number of dimensionless numbers
[183]-[185], including oscillatory Reynolds number (Reo) describing mixing intensity and
Strouhal number (St) reflecting eddy propagation, as follows

_ 2rwx,pD

Re, = ———— (4.1)
U
D
St=—-— 4.2
ArX, 4-2)
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where o is the frequency of oscillations, X, is the center to peak oscillation amplitude, D is the
inner diameter of the tube, p is the fluid density and pis the fluid viscosity. In comparison,
impeller-induced mixing can be quantified by the impeller Reynolds number (Reim) described by
Eq(4.3).

N pD?
Reim — A (43)
u

where N denotes agitation rate and Dim represents impeller diameter. Many studies have been
carried out to demonstrate the improvement of heat and mass transfer in a batch oscillatory system
compared to a traditional stirred tank [134], [136], [140], [180], [182], [186]-[190]. However, to
the best of our knowledge, there is a lack of comparative study between continuous operations of
an STC and a DBC. In this study, we aim to address this gap by studying RTD and continuous

crystallization performance in a DBC versus an STC.

4.2 Experimental Methods and Material
4.2.1 Oscillatory baffled reactor and stirred tank crystallizer setup

The dynamic baffle crystallizer used in this study is the ‘Oscillatory Baffled Reactor’ (OBR)
manufactured by Alconbury Weston Ltd. The OBR is an evaluation product featuring oscillating
baffles in a jacketed glass vessel of an elongated geometry, shown in the schematic in Figure 4-1a.
The vessel is made of Borosilicate glass and is jacketed for temperature control by a Huber
Ministat125. The inner diameter of the glass vessel is 40 mm and the jacketed portion is 246 mm
long. It can hold 300 mL content. There are four ‘donut’ shaped baffles with a hole in the middle
(20 mm diameter) and an O-ring at the outer rim making the effective diameter of the baffles 40
mm, leaving no gap between the baffles and the wall. The baffles are equally spaced at 60mm

apart, 1.5 times the tubing diameter which is an optimized design studied in past literature [177],
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[191], [192]. A motor is used to oscillate the baffle shaft that can be operated at the frequency of
0.1 -3 Hzin 0.1 Hz increments and the amplitude of 1 — 40 mm in 0.1 mm increments. However,
the feasible operating range does not range from 0.1 Hz - 1 mm to 3 Hz - 40 mm. Instead, a simple
set of experiments was conducted to obtain the range of operation that sustains extended periods
of operation without motor failure or extremely violent mixing. This range is plotted in Figure
4-1d where the shaded region denotes the feasible operating space. Weaker oscillations are also
achievable. The vessel also features four ports of various sizes to install PAT tools such as infrared
(IR) spectrometer, focused beam reflectance measurement (FBRM) and thermostats, all of which
were utilized in this study as shown in Figure 4-2. There are three openings at the top that can
serve as inlets, outlets and/or addition ports and there is a drain at the bottom of the system that
can be utilized as an inlet or outlet. Thus, the OBR design provides three different ways to
configure the inlet and the outlet: feed at the top remove from the bottom, remove from the top
feed at the bottom, and both inlet and outlets at the top. These options will be further discussed in

Section 4.3.1.

| Operating Spa :el
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Figure 4-1 (a) Overall schematic of the OBR, (b) an exploded-view drawing of the baffle shaft, (c)
sideview drawing of the baffle shaft, and (d) operating space of the OBR.
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Multiple Ports
of various sizes
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Figure 4-2 The continuous operational setup of (a) the OBR and (b) the STC.

The STC featured in this study consists of a 500 mL round-bottom jacketed glass vessel
and a three-blade retreat curve impeller, illustrated in Figure 4-2b. The inner diameter of the round-
bottom vessel is 100 mm and the jacketed height is approximately 180 mm. There are several ports
at the top at which ultraviolet-visible spectrometer (UV), FBRM, and thermostat were inserted and
secured for process monitoring. In addition, the ports also serve as inlets and outlets for continuous

operation, as configured in this study, making a simple stirred tank type MSMPR.

4.2.2 Liquid and solid residence time distribution measurement

The first objective is to study the RTDs of the liquid phase content without solid present. It was
achieved by quantifying the dilution process of a washout experiment. A washout experiment
introduces a ‘reverse step change’ where concentrated feed, consisting of paracetamol (PCM, Alfa
Aesar) in ethanol (EtOH, 200 proof, Decon Labs) at 0.1 g PCM/g EtOH, was replaced with pure
solvent until all solute was removed from the reactor. Concentration was utilized to calculate the

characteristics of the RTDs, which was recorded with in-situ Fourier transform infrared (FTIR)
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spectrometer in the OBR every 18 seconds and UV in the STC every 15 seconds during washout
experiments. To be consistent with later solid RTD and crystallization studies, the continuous
operations in the two reactors feature a true continuous inlet and an intermittent product removal
outlet. The feed was introduced continuously by a peristaltic pump (Cole-Parmer) at the flowrate
determined according to the theoretical mean residence time (t) and products were removed at the
outlet also with a peristaltic pump every 2 minutes at 300 mL/min to remove the content
accumulated during the 2 minutes in a few seconds. The level in the reactors was 240 mL in the
OBR and 360 mL in the STC initially and after each removal. The temperature was maintained at
20 <C.

RTDs of solid particles suspended in solution were studied with pulse experiments described
in Kacker et al. [139]: initially the reactors were filled to their respective operating level (240 mL
in the OBR, 360 mL in the STC) with saturated PCM water solution at 20 <C. Prior to the injection
of the pulse, the same saturated solution was run through the vessel continuously for about 15
minutes for baseline. At time zero, without changing the carrier solution, a small amount of solid
PCM particle suspension tracer was injected quickly to the system with a syringe, serving as a
pulse signal. Particle concentration was monitored in the form of particle count measurement by
FBRM (Metler Toledo G400 unit in the STC and Lasentec S400 in the OBR) every 10 seconds
until the solution in the crystallizer appeared clear. The saturated PCM water solution was prepared
several hours prior to the experiment by adding PCM to water in slight excess. The solution was
then stirred for at least 2 hours to ensure saturation before filtering. The tracer was prepared by
adding 6.7 g of PCM to 10 mL of the saturated solution then stirred for at least 30 minutes. The
long mixing time during the preparation of the solution and the tracer allows the mixtures to fully

equilibrate to prevent dissolution and crystallization from taking place in the crystallizer as RTD
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describes the digestion of signals solely by flow, not by phenomena of reactive natures such as
dissolution or crystallization. As mentioned in Section 4.2.2, the operation also features a
continuous inlet with an intermittent product removal every 2 minutes. Intermittent product
removal is often employed for MSMPR systems to avoid outlet blockage.

In order to study the effects of the three main operating parameters of the OBR: baffle
oscillating frequency (w), baffle oscillating amplitude (xo) and theoretical mean residence time (z),
on the liquid and solid residence time characteristics a three-level full factorial design was carried
out for liquid and solid RTDs as shown in Table 4-1. Dimensionless numbers Re, and St were also
calculated and shown. Three-level factorial design provides insight into the curvature (i.e.
secondary effect) of the model while producing easy-to-interpret visual plots of the results. The
trade-off is the large number of experiments, which was acceptable in this study. The DOE range
is a small subset chosen to avoid faint oscillations that will likely cause particle sedimentation and
violent oscillations that can cause air bubble entrainment. In addition, the ‘Exp#’ is the randomized
order to carry out the experiments. The experiments were not repeated. Initial repeatability study
was carried out for 3-5 experiments which yielded repeatable results. The repeatability of the rest
of the experiments was assumed to be acceptable. Analysis of Variance (ANOVA) was utilized to
determine the significance of a factor or interaction of factors in addition to graphic interpretation
of the results. ANOVA is a commonly used statistical technique with some assumptions: (1)
observations are independent; (2) errors are normally distributed; and (3) variance is constant, all

of which were verified and satisfied in this study, throughout all experiments.
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Table 4-1 Three-level-three-factor full factorial design of experiment for RTD studies.

Exp# o (Hz) (rr)1(?n) 7 (min) (VI\D”Dr;3) (VI\DII/DniS) ReoL Reos St

Expl 2.0 15 30 2215 2645 5756 7511  0.2122
Exp2 2.5 10 45 128.2 1531 4797 6259  0.3183
Exp3 1.5 10 30 21.7 331 2878 3756  0.3183
Exp4 1.5 15 45 935 111.6 4317 5633 0.2122
Exp5 2.0 10 30 65.6 78.4 3838 5007 0.3183
Exp6 2.0 20 15 525.1 627 7675 10015 0.1592
Exp7 1.5 15 15 93.5 111.6 4317 5633  0.2122
Exp8 2.5 20 45 1025.6 12246 9594 12519 0.1592
Exp9 2.0 10 45 65.6 78.4 3838 5007 0.3183
Expl0 1.5 20 45 2215 2645 5756 7511  0.1592
Expll 1.5 15 30 93.5 111.6 4317 5633  0.2122
Expl2 2.0 10 15 65.6 78.4 3838 5007 0.3183
Expl3 1.5 20 15 2215 2645 5756 7511  0.1592
Expl4 1.5 10 45 21.7 33.1 2878 3756  0.3183
Expl5 2.5 15 45 432.7  516.6 7196 9389 0.2122
Expl6 2.0 15 45 2215 2645 5756 7511  0.2122
Expl7 2.0 20 30 525.1 627 7675 10015 0.1592
Expl8 1.5 10 15 21.7 33.1 2878 3756  0.3183
Expl9 1.5 20 30 2215 2645 5756 7511  0.1592
Exp20 2.5 15 15 432.7 516.6 7196 9389 0.2122
Exp21 2.5 10 15 128.2  153.1 4797 6259  0.3183
Exp22 2.5 15 30 432.7 516.6 7196 9389 0.2122
Exp23 2.0 20 45 525.1 627 7675 10015 0.1592
Exp24 2.5 10 30 128.2 1531 4797 6259  0.3183
Exp25 2.5 20 30 1025.6 12246 9594 12519 0.1592
Exp26 2.5 20 15 1025.6 12246 9594 12519 0.1592
Exp27 2.0 15 15 2215 2645 5756 7511  0.2122

Another objective of RTD studies is to compare OBR with STC performance at equivalent

conditions, i.e. yielding the same power density (PD). PD in an oscillatory system is estimated as

follows:

PD

_2pN, 1-¢o?
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where Ny denotes the number of baffles per length, cp is the orifice discharge coefficient, which
was taken to be 0.7, and « is the ratio of the area of the orifice to the total baffle area [193]. PD in

an impeller driven system was estimated by the power number:

POpN 3Dim5
Vv

PD = (4.5)

where Po is the power number, which was taken to be 1.27 for the type of impeller in our STC set
up, N is the rotational speed, and V denotes the volume [194]. A set of liquid and solid RTD studies
were carried out in the STC using the same methods. To limit the number of experiments required,
r was fixed at 30 min and agitation rates were chosen to correspond to the 7 achievable PDs in the
OBR experiments, as listed in Table 4-2. The impeller Reynolds number is calculated for liquid

and solid studies with Eq(4.3) and the order of experiments was also randomized.

Table 4-2 Experimental conditions of comparative liquid and solid RTD studies in the STC.

Equivalent
Exp# N (rpm) PDL(W/m®) PDs(W/mP) Reimi — Reims  gocios
STCL 351 2214 264.4 11526 14570  15Hz— 20 mm
STC2 439 433.2 517.2 14416 18222 25Hz—15mm
STC3 263 93.1 111.2 8637 10917  15Hz-15mm
STC4 176 27.9 333 5780 7306  1.5Hz—10mm
STC5 234 65.6 783 7684 9713 2.0Hz-10mm
STC6 293 128.8 153.8 9622 12162  2.5Hz—10mm
STC7 468 524.8 626.7 15368 19426 2.0 Hz—20 mm

4.2.3 Absorbance spectrometry

In the OBR, solution concentration was monitored by an in-situ FTIR spectrometer manufactured
by Keit Spectrometers featuring a patented design based on the Sagnac interferometer to combat
the interference of oscillations and vibrations to the spectrometer signal. To calibrate the FTIR,

two sets of calibration experiments were performed: one set with low concentrations (<0.1 g/g) to
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calibrate for liquid RTD experiments and another set at higher concentrations for continuous
crystallization experiments. An example IR spectrum of PCM in EtOH obtained by the Keit FTIR
is shown in Figure 4-3a where reference spectra were taken with pure EtOH. The peak at ~1250
cm*was identified as the only principle peak, possibly attributed to a vC-C and Ph-H mode [195]
in this concentration range. The calibration plot and equation are shown in Figure 4-3b. In the
second set of calibration experiments followed the rapid calibration technique discussed in
section2.2: an excess amount of PCM was suspended in EtOH at ~15 <C and an FBRM was used
to monitor particle counts. Then the solution was heated step-wise from 15 to 45 <C in increments
of 5 T with a 30 min hold at each step to allow for complete dissolution where the concentration
was assumed to be the solubility concentration at the corresponding temperature obtained from
literature [196]. The dynamic temperature and particle count profiles are shown in Figure 4-4a. As
shown by the FBRM data, after 350 min where all solids dissolved, the concentration remained
constant while temperature continued to increase, but the IR measurement stayed unvaried. Thus,
temperature was eliminated from the calibration model and a linear model with the expression
shown in Eq(4.6) was adopted where 15 significant peaks were identified by the ‘stepwisefit’
function in MATLAB.

C =a,Abs, +a,Abs, +...+a Abs, +b (4.6)
where C denotes concentration, a; denotes fitted coefficients, Abs; is the absorbance at a certain
wavenumber and b is the fitted intercept, which was approximately zero as expected. An R? of

0.994 was obtained.
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Figure 4-3 (a) Sample IR spectrum of 0.1 g/g PCM solution measured by the FTIR and (b)
calibration model of PCM EtOH solution of concentrations lower than 0.1 g/g.
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Figure 4-4 Operating profile of rapid calibration of (a) the FTIR in the OBR and (b) the UV in the
STC.

In the STC, an in-situ UV was used to monitor concentration. As shown in Figure 4-4b, a
similar rapid calibration of PCM in EtOH was carried out. First derivative of the UV spectrum was
taken by the software during measurement. A single principle peak was identified at 250 nm, the
maximum peak position of PCM UV spectrum. In contrast to the IR, temperature is included in

the calibration model for UV absorbance is sensitive to temperature change:

C =a,Abs, +a,Abs, +...+a,Abs. +D (4.7)
where T denotes temperature. The R? value of the model was 0.998. A lower concentration
calibration was not performed. Eq(4.7) can be reduced to Eq(4.8) at constant temperature with

pure EtOH at the same temperature taken to be the reference. While the value of a may take
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different values in a lower concentration range, liquid RTD characteristic calculations do not call
for a precise calibration model as long as:

C=a-Abs (4.8)
4.2.4 Analysis of liquid and solid residence time distributions
Residence time distribution can be represented either by the residence time distribution function
(E-curve) or by the cumulative residence time distribution function (F-curve). The E-curve and F-
curve contain the same information of the RTD and are interchangeable by:

dF(t)

B0 =5

(4.9)

To quantitively characterize the RTDs, the mean of the RTD can be calculated to describe the
average time that a particle spends in the vessel. Another important characteristic of an RTD is the
variance (¢?), or the ‘spread’ of the RTD [197]. The smaller the variance, the narrower/more
uniform the RTD profile, the more consistent the end-product is likely to be.

For washout liquid RTD experiments, the F-curve can be easily calculated:

F(t) =1-W(t) =1—% (4.10)

0
where W(t) is the washout function, C(t) denotes the concentration measured by IR or UV at time
t and Co is the initial concentration before the reverse step change. As demonstrated in Section
4.2.3, a linear model of a single absorbance with zero intercept was obtained for both UV and IR
in this concentration range. Therefore, F-curve is simply calculated using the absorbance at the
appropriate wavelength/wavenumber directly:

Abs(t)
Abs,

F(t)=1-W(t)=1- (4.11)

The mean residence time t corresponds to the first moment of the RTD:
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t= Tw (t)dt (4.12)

To scale across experiments with different theoretical mean residence time, dimensionless
experimental mean residence time or ty is calculated as:

Tw (t)dt

_ (4.13)
T

t =

m

N |+

In a true continuous process, regardless of idealness, tm should be equal to one. When tn > 1, it
indicates potential stagnant areas or ‘dead zones’. When tm < 1, it suggests possible bypassing
issues. Variance can be obtained by the second moment. Similarly, the variance is scaled by £2:

2 j t-W (t)dt
o' =—t——-1 (4.14)
t

Variance describes the spread of the RTD. An ideal CSTR will have yield ¢ of 1 and ideal plug
flow produces completely uniform RTD, i.e. 0 variance.
Meanwhile solid RTDs are studied using pulse experiments and thus it is more accurate to obtain

the mean and the variance directly from the E-curve [139]:

E) =20 (4.15)

'¢)

j X (t)dt

where X(t) is the FBRM particle count measurement at time t. Thus, the dimensionless
experimental mean residence time tm and dimensionless variance o> can be obtained by Eq(4.16)
and Eq(4.17)

Tt-E(t)dt

T

—
|
N |+

(4.16)
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T(t—i)2 -E(t)dt

- - (4.17)
t

4.2.5 Continuous crystallization

Two sets of crystallization experiments were carried out; within each set, there was one
experiment in the OBR and one experiment in the STC at similar power densities as shown in
Table 4-3. The mean residence time was chosen to be 45 minutes for all four experiments. For
each experiment, cooling crystallization of PCM from EtOH was carried out continuously. The
feed tank consisted of a 0.3 g/g PCM solution (Tsat = 45 <C) maintained at ~60 <C to avoid
crystallization in the feed tank. The initial batch was filled with 0.18 g/g PCM solution (Tsat =
20 <C) at 20 T and remained at 20 <T for the whole duration of the experiment. Before the start
of continuous operation at time zero, PATs were turned on for a period of time to establish a
‘baseline’ of the initial batch. After time zero, feed was continuously charged to the crystallizer
and product was removed intermittently every 2 min until ~2 residence times after steady state had
been established, maintaining the volume to be 300 mL in the OBR/ 360 mL in the STC after each
product removal. Solution concentration was monitored by IR in the OBR or UV in the STC with
the appropriate calibration models while particle counts and the square weighted mean chord
length (SWMCL) were tracked by FBRM. In addition, samples were drawn from the reactor at the
end of every residence time, then filtered and dried for offline analysis including particle size
distribution (PSD) and microscopy with Malvern Morphologi G3. Morphologi analyzes number-
based PSD, which can be converted to volume weighted circle equivalent (CE) PSD as well as
statistical information such as mean particle size («) and standard deviation (o). Coefficient of
variance (CV), defined as the ratio of x over o, was used to compare the uniformity of different

PSDs.
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Table 4-3 Experimental conditions of continuous crystallization studies in the OBR and the STC.

o (Hz) x0 (mm)

Exp# Crystallizer PD (W/m3) — T (min)
Agitation (rpm)

Expl OBR 128.2 2.5 10 45

Exp2 ST 128.8 293 45

Exp3 OBR 432.7 2.5 15 45

Exp4 ST 433.2 439 45

4.3 Results and Discussion
4.3.1 Configurations of the OBR

The OBR offers three possible configurations of inlet and outlet positions when operating
continuously: inlet at the bottom and outlet at the top (Configuration 1), inlet at the top and outlet
at the bottom (Configuration 2), and both inlet and outlet at the top (Configuration 3) as shown in
Figure 4-5. Each configuration can be a logical choice for continuous operation: Configuration 1
(Figure 4-5 left) offers an easy but precise way to control the level in the reactor by fixing the
outlet tubing at a certain level with an ‘overdraw’ setting at the outlet pump; Configuration 2
(Figure 4-5 middle) utilizes gravity to aid product removal at the outlet. It also provides the
opportunity to use a PID controlled valve instead of a removal pump for gentler handling of crystal
products; Configuration 3 (Figure 4-5 right) closely resembles the STC configuration. Moreover,
in some dynamic baffle vessels, a bottom outlet is not available for continuous operation thus
leaving configuration 3 as the only way of operating in certain situations. The OBR set-up in this
study allows all three configurations. Liquid RTD studies and solid RTD studies were conducted
to examine all three configurations. Experiments were carried out at the same operating conditions
where the baffles oscillate at the frequency of 2 Hz and amplitude of 15 mm and the theoretical

mean residence time was set to be 30 min with three different configurations.
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Figure 4-5 Three possible OBR configurations: inlet at the bottom, outlet at the top (left); outlet at
the bottom, inlet at the top (middle); inlet and outlet both at the top (right).

The F-curves vs residence times @ of the three configurations are shown in Figure 4-6a.
Liquid RTDs in Configurations 2 and 3 were very similar to each other while Configuration 1
yielded a slightly steeper F-curve. While it can be anti-intuitive, the steepness of cumulative
distributions is not a clear representation of the ‘spread’ or the variance of a distribution, as the
steepness is affected by both the mean and the variance. Therefore, the calculation results of tm and
o are also listed in Table 4-4 which shows that Configurations 2 and 3 yielded very similar t and
o while config. 1 produced small tn and larger o* which is less desirable. But overall, the three
configurations performed similarly. Pulse experiments were also carried out in these three
configurations to study solid RTDs. E-curves (Figure 4-6b) were constructed based on FBRM
particle count. From visual inspection, Configurations 1, 2 and 3 are not exceedingly different
except for around ® = 2 where FBRM might have fouled and defouled in Configuration 3. In
addition, it is also desirable to have particles of different sizes to have similar RTDs. This aspect
was investigated utilizing the chord length distribution measured by the FBRM. While chord
length is not an accurate representation of true particle size, it may be acceptable to investigate the
general differences in RTDs of particles of different chord lengths to infer the trend in RTDs of

particles of different sizes. For each configuration, all particles were categorized into ‘small’ (10
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pm — 100 pm) or ‘large’ (100 pm — 1000 pm); fines smaller than 10 pm were neglected. The E-
curves are plotted in Figure 4-7 and the mean and variance values are listed in Table 4-5.
Configurations 2 and 3 produced very similar RTDs between small and large particles in contrast
to Configuration 1, which produced significantly different RTDs. Configuration 2 was slightly

more consistent than Configuration 3.
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Figure 4-6 (a) F-curves of liquid RTD and (b) E-curves of solid RTD in Configuration 1,2 and 3.
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Figure 4-7 RTD function of small and large particles in Configuration | (left), Configuration 2
(middle), and Configuration 3(right).

Table 4-4 Dimensionless mean residence time tm and variance 62 of liquid RTD in
Configurations 1, 2, 3.

Configurationl  Configuration2  Configuration 3
LRTD tm 0.803 0.938 0.937
LRTD 62 0.658 0.522 0.59
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Table 4-5 t, and o2 of solid RTDs of small and large particles as well as total particle count in
Configurations 1, 2, 3.

Configurationl Configuration2 Configuration3

SRTD tm,total 1.017 1.008 1.036
SRTD tmi0-1000m  1.138 1.005 1.065
SRTD tm,100-10000m 0.781 1.015 0.955
SRTD 6%otal 0.542 0.592 0.573
SRTD 6%10-100m 0.493 0.584 0.556
SRTD 62100-1000um  0.534 0.610 0.620

Taking both liquid and solid RTDs into consideration, Configuration 1 produced less
desirable liquid RTD because of its small tn (< 80 %) and its large variance. Configuration 1 also
produced less consistent solid RTDs between small and large particles. Therefore, it was concluded
that Configuration 1 (feeding from the bottom, removing from the top) is not a desirable method
of continuous operation. This could be caused by the inlet pump being burdened by the task of
charging at a small flowrate while counteracting the gravity of the full volume in the vessel.
Configuration 2 and 3 on the other hand, produced similar liquid and solid RTDs with
Configuration 2, with Configuration 3, being slightly better. Therefore, Configuration 2 was
selected to be the optimal configuration and all following RTD and crystallization experiments

were carried out in Configuration 2.

4.3.2 Liquid residence time distribution

Selective E-curves of the liquid RTD experiments, converted from F-curves, are plotted in Figure
4-8 over dimensionless time ¢ scaled by theoretical mean residence time, i.e. ¢ =t/z . The values
of tm and &2, as listed in Table 4-6 and Table 4-7, were calculated based on the F-curves using

Eq(4.13) and Eq(4.14).
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Figure 4-8 Converted liquid RTD E-curves under various conditions in the OBR.

Table 4-6 Dimensionless mean residence time (tm) results of liquid RTD experiments.

7 (min)
15 30 45
o (Hz) Xo (mm)
10 15 20 10 15 20 10 15 20

15 1351 1.033 1.228 0.893 1.189 0.55 0.829 1.005 0.949
2 1.227 1179 1.353 0.978 0.938 0.779 0.924 0.728 0.94
25 1.085 1.197 1.014 1.045 0.971 0.689 0.916 1.004 0.626

Table 4-7 Dimensionless variance (¢?) results of washout experiments.

7 (min)
15 30 45
o (Hz) xo (Mm)
10 15 20 10 15 20 10 15 20

15 1.349 0.815 0.936 0.65 0.574 0.606 0.765 0.726 0.63
2 1.27 0.703 1.444 0.701 0.522 0.761 0.713 0.669 0.709
25 0.845 0.725 0.825 0.76 0.854 0.729 0.527 0.806 1.027

The mean residence time appeared to be consistently larger when z = 15 min, with 4 out of
9 experiments larger than 1.2, suggesting a ‘dead zone’ issue while being generally smaller for ¢
=30 min and 45 min. Five out of the 18 experiments of z = 30 min and 45 min yielded tm less than
0.8 suggesting that under certain conditions, the vessel exhibits bypassing issues, which should be
avoided for future operations. Similarly, variances of = 15 min were generally larger than those

of 7 = 30 min and 45 min. Figure 4-9 plots the mean and variance over Reo: tm and o2 did not vary
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significantly across Reo, instead they varied across different  values. ANOVA was carried out to
study the statistical effect of w, Xo, 7, their secondary effect (w? xo?, 7?) and the two-way
interactions of them (w>Xo, >z, and Xo>r) on tm and ¢ responses. The same conclusion was
reached by ANOVA, that only changes in 7 had a significant impact on liquid RTD. Furthermore,
tm and ¢ did not vary greatly among the z = 30 min and r = 45 min experiments. Thus, when
designing future liquid reaction processes, if 7 is determined to be relatively large, moderate
changes in oscillation or flowrate will not affect RTD significantly. It should be emphasized here
that even though often assumed so, experimental mean residence time may not be identical to

volume divided by flowrate and should be measured when encountering a new reactor vessel.
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Figure 4-9 Plot of (a) tm and (b) ¢ of liquid RTDs against oscillatory Reynolds number Reo.

To compare with the STC, F-curves were obtained and tm and ® were calculated (Figure
4-10) for the STC experiments. Figure 4-10a shows that tn varied in a much larger range with
varying power densities in the STC than the OBR. More importantly, the OBR yielded smaller
variances in almost all the experiments as demonstrated in Figure 4-10b. As a result, the OBR may
indeed be preferred compared to traditional stirred tanks under the conditions investigated here.

For very small and very large agitation rates in the STC, mean residence times were not well
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behaved and should be avoided when designing a continuous process in the STC as there may be

bypassing or dead zone issues.
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Figure 4-10 (a) Comparison of liquid RTD tm in the OBR and in the STC; (b)comparison of liquid
RTD o2 in the OBR and in the STC.

4.3.3 Solid residence time distribution

Selective E-curves of solid RTDs are plotted against & in Figure 4-11. The values of tm and ¢® were
calculated for each experiment based on the E-curve and are listed in Table 4-8 and Table 4-9. The
parameter tm appeared to be more sensitive to oscillation changes than changes in z. Meanwhile,
o stayed relatively unvaried throughout all 27 experiments. In Figure 4-12, the same result can be
observed where tn generally increased with respect to Reo while ¢® remained constant. At
extremely weak oscillations (small Reo), solid particles were not well suspended and thus ‘fell’
through the vessel causing a bypass directly to the outlet leading to small tn values. At very intense
oscillation conditions, the particles were possibly trapped, leading to prolonged mean residence
times. Therefore, these extreme conditions should be avoided. In addition, ANOVA was carried
out to confirm this observation statistically and indeed w, Xo as well as their nested effect were
significant on tm responses, while no factors or interactions of any factors had significant impact
on ¢2. Therefore, only the oscillation intensity affected the solid particle RTD but in a consistent

way without causing much change in the uniformity of the RTD. It was also observed that z was
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less influential on RTDs in a solid-liquid process than in a liquid only process within the

investigated range. The variance was also generally smaller of the solid particle RTDs than liquid

RTDs promoting the potential usage of the OBR as a continuous crystallization system.
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Figure 4-11 Measured solid RTD E-curves of various conditions in the OBR.
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Figure 4-12 Plot of solid RTD (a) tm and (b) 62 over Reo.

Table 4-8 tn, results of pulse experiments.

7 (min)
15 30 45
o (Hz) Xo (Mm)
10 15 20 10 15 20 10 15 20
15 0.669 1.068 0.818 0.781 0.646 0.622 0.837 0.816 0.889
2 1321 11 1.009 0.923 1.008 0.804 0.971 0.919 0.953
25 1048 0.7 1.639 0.868 0.783 1.206 1.042 0.669 1.341
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Table 4-9 &2 results of pulse experiments.

7 (min)
15 30 45
o (H2) Xo (mm)
10 15 20 10 15 20 10 15 20

15 0.615 0.57 0.592 0.686 0.603 0.527 0.672 0.549 0.602
2 0.571 0.607 0.483 0.495 0.592 0.531 0.547 0.533 0.597
2.5 0.621 0.445 0.508 0.599 0.51 0.527 0.432 0.673 0.463

Similarly, E-curves were constructed for the solid RTD experiments in the STC and ¢ and
tm were calculated and plotted in Figure 4-13 against power density. Stirred tank experiments
yielded small tm for many experiments indicating an underlying bypassing issue during which
particle settling was observed. More importantly, it is observed that the variance in the OBR was
consistently smaller than the STC throughout all experiments as shown in Figure 4-13b. It suggests
that the uniformity of solid RTD was significantly improved by oscillatory mixing which is

especially beneficial for crystallization.
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Figure 4-13 (a) Comparison of solid RTD tn in the OBR and in the STC; (b) comparison of solid
RTD &2 in the OBR and in the STC.

4.3.4 Continuous crystallization

Two sets of crystallization experiments were carried out in the STC and in the OBR under different

mixing conditions as listed in Table 4-3 and their solid RTD E-curves are plotted in Figure 4-14;
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The first set was chosen based on the solid RTD results of z = 45 min in the OBR. As shown in
Figure 4-15, 2.5 Hz - 10 mm was chosen as an optimized condition because it yielded solid particle
RTD with the lowest variance and mean residence time close to 1. Thus, the corresponding
condition in the STC was back-calculated to be 293 rpm based on power density which yielded
small tn and slightly less uniformity. The second set was chosen for a higher agitation rate, 439
rpm, in the STC to avoid particle settling. The equivalent oscillation rate was 2.5 Hz — 15 mm in
the OBR. Both experiments in this set have similar tn with the uniformity improved in the OBR as

discussed in Section 4.3.3.
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Figure 4-15 (a) o2 results and (b) tm results of solid RTD studies in the OBR at t = 45 min. The
circle represents the optimal operating conditions chosen (2.5 Hz frequency of oscillations and 10
mm amplitude).
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Particle count, SWMCL, and concentration were monitored and plotted in Figure 4-16. The
overall trends in all four operating profiles were similar: concentration increased as continuous
operation began until nucleation took place where concentration decreased rapidly as particle
count increased sharply; eventually steady-state should be reached. Across both sets of
experiments, faster nucleation was observed in the OBR, occurring at around 1 residence time,
while in the stirred tank, nucleation took place at approximately 2 residence times, which can be
explained by the enhanced mixing in the OBR. Nucleation being a highly stochastic process,
stronger, more thorough mixing mechanism can increase the chances of molecules coming

together to form critical clusters, which can increase nucleation rate or decrease induction time
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Figure 4-16 Total particle count, concentration and square weighted mean chord length (SWMCL)
profiles over time of continuous experiments: (a) Expl OBR 2.5 Hz — 10 mm (b) Exp2 STC
293rpm (c) Exp3 OBR 2.5 Hz — 15 mm and (d) Exp4 STC 439rpm.
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Figure 4-16 Continued.
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After initial nucleation, crystals continued to nucleate and grow dynamically until steady
state was reached indicated by stable particle count, SWMCL and concentration. During this time,
slurry samples were taken at each residence time for offline PSD analysis (Figure 4-17 & Table
4-10) and microscopy (Figure 4-18). In the OBR, steady state was reached at 5-6 residence times
in both experiments (Figure 4-16a,b) where FBRM measurement, UV measurement and offline
PSD measurements became steady. The particle size distribution measured offline remained
relatively unvaried across all residence times in each OBR experiment, which is also consistent
with the microscopic images. However, the experiments in the STC were not as ‘uneventful’. In
Exp2, the system seemingly reached steady state around 4-5 residence times as FBRM and UV
data stabilized but the offline PSD measurement showed large variations between 5-6 residence
times, which indicates that true steady state was perhaps not achieved (Figure 4-16c). Furthermore,

particle sedimentation was observed after 6 residence times by visual inspection. The same
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observation was made during a repeat experiment at this agitation speed in the STC. Eq(4.18),
known as the Zwietering correlation, describes the empirical equation to calculate the minimum

agitation rate required to suspend particle of a certain size in solid-liquid systems [102]

N 5= S04 g.z[ g, (ps — P )]0.15 ¥ 013 Dimfo.as (4.18)

£
where Njs denotes the minimum agitation rate required, S is the Zwietering constant, unique to the
geometric characteristics of the agitation system, which is taken to be 4.5 according to literature
[199], v is the kinematic viscosity of the solution, dp represents the mass mean particle size of
interest, gc is the gravitational acceleration constant (9.81 m/s), p1and ps are the densities of liquid
solution and solid particles respectively, and X is the weight percentage of solid to liquid content.
The Zwietering correlation has been commonly applied by chemical engineers for the last few
decades to quickly determine a minimum required agitation speed for a slurry system. According
to calculations based on the Zwietering correlation described in Eq(4.18), the agitation rate of 293
rpm was insufficient to suspend particles 360 um or larger. On the contrary, in the OBR, particle
sedimentation was not observed, which can be explained by the smaller crystal size and the
enhanced oscillatory mixing. While, to the best of our knowledge, there is no such comprehensive
correlation developed for oscillatory mixing, previous study has been conducted to demonstrate

the ability to suspend solid particles at relatively low oscillation intensities [71].
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Figure 4-17 Volume weighted particle size distribution (PSD) of samples taken at various
residence times of continuous experiments; (a) — (d): Expl - Exp4.
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Figure 4-18 Microscopic images of samples taken at various residence times of continuous
experiments; (a) — (d): Expl - Exp4.
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Figure 4-18 Continued.
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Figure 4-18 Continued.
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Figure 4-18 Continued.
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Table 4-10. The mean and the C.V. of the PSD at various residence times of continuous
experiments Expl-4.

2RT 4RT 5RT G6RT B8RT ORT

n 1552 184.3 - 1933 1669 -
Expl CV. 0365 0484 - 0384 037 -

L 347.8 388.6 4539 3014 - -
Exp2 C.V. 0387 0398 0361 0.38 - -

H 1685 163.3 - 160.3 - 168.6

Exp3 C.V. 0594 0438 - 049 - 0.408
Sl 285.7 3476 - 385.3 364.3 357.8
Expd C.V. 041 035 - 0.339 0.458 0.484

In Exp4 where agitation rate was increased to 439 rpm, sedimentation was not observed;
however, the particle count continued to increase even at 9 residence times (Figure 4-16d). Taking

a closer look at 6-9 residence times as shown in Figure 4-19: as particle count increased, the
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SWMCL decreased, which indicates that breakage likely took place. The high shear rate exerted
by the agitator possibly induced crystal breakage in the STC. The offline measurement also
supports this assumption, where the PSD at 6, 8 and 9 residence times (Figure 4-17d and Table
4-10) yielded smaller average size. The PSD was also increasingly more spread out at 8 and 9
residence times, where it even exhibited bimodality, possibly due to breakage as well as
agglomeration of small broken crystals, which can be observed in the microscopic images (Figure
4-18d). Breakage and agglomeration can also cause classified withdraw, also known as non-
representative withdraw, which can further intensify size bimodality of the product. At the same
power density, such breakage phenomenon was not observed in the OBR, which supports the claim
that oscillatory mixing generally exerts less shear, possibly leading to less breakage [192], [200].
In addition, comparing Expl and Exp3, the uniformity of the final product PSD was slightly
enhanced in Expl since an optimized condition was selected based on solid RTD results. Therefore,
the experimental design of solid RTD studies demonstrated in this study can aid the selection of

an optimized condition when designing a continuous crystallization process.
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Figure 4-19 Close-up process profile of Exp4 at 6-9 residence times.

PSDs of the samples taken at the final residence times in all four experiments were

compared in Figure 4-20. The final products of Expl and Exp3 are of comparable uniformity as
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Exp2 in the STC before particle sedimentation occurred. Exp4, during which breakage likely took
place, produced products of less uniform sizes. Therefore, the OBR shows potential as a promising
candidate for continuous crystallization as it produced more consistent results without undesirable
events such as particle settling, crystal breakage and heavy agglomeration. The improvement in
RTD uniformity in the OBR is reflected in the improved CSD results in the experimental
conditions studied. But the exact effect of improved RTD on the final product may also be
dependent on the model compound and operating conditions which is an interest of future studies.
Furthermore, many technigues can be applied to optimize the continuous crystallization process
such as seeding and multistage operation which are worthy of further investigations.
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Figure 4-20 The PSD of samples taken at the last residence times in all 4 continuous experiments.

4.4 Conclusions

The gap between a well-studied stirred tank MSMPR and the newly developed oscillatory flow
baffled crystallizer is addressed by studying a dynamic baffle crystallizer, also known as the
oscillatory baffle reactor, operated continuously as an MSMPR. The results of liquid and solid
RTD studies in the OBR have been discussed: according to ANOVA, theoretical mean residence
time was the only significant factor affecting liquid RTD characteristics, while oscillating intensity

affects the solid RTD by affecting the mean but not the variance. In comparison to the stirred tank
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crystallizer, the RTDs, both liquid and solid, were more uniform in the OBR, which indicates the
potential advantage of oscillatory mixing over traditional agitation in continuous processes. An
initial crystallization study was carried out to compare the performances between the OBR and the
STC on the continuous cooling crystallization of PCM. Nucleation occurred sooner in the OBR
experiments. However, it was inconclusive whether steady state was established sooner or later in
the OBR than in the STC. Even though the product was generally smaller in the OBR, the size
distribution of the crystal product uniformity was comparable. More importantly, continuous
crystallization in the OBR was stable and reliable while in the STC, undesirable events, such as
particle sedimentation and crystal breakage, took place causing early termination and/or failure to
establish steady state.

Our study showed that as an MSMPR vessel, the OBR shows great potential in comparison
to a traditional STC. Such potential calls for further studies of continuous crystallization design
and control in the OBR as a continuous crystallization platform in conjunction with existing STC

and OFBC.
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S. SYSTEMATIC PROCESS DEVELOPMENT OF CONTINUOUS
CRYSTALLIZATION IN AN INNOVATIVE OSCILLATORY BAFFLE
REACTOR: MODEL AND EXPERIMENT GUIDED START-UP
OPTIMIZATION

5.1 Introduction

Start-up of continuous MSMPR operation is an important aspect of achieving a desirable state-of-
control operation. Improper start-up procedures could lead to fouling [123], prolonged dynamics
[17] and even polymorph impurities [125], [201]. The start-up process should be optimized to
minimize product loss and operational issue and, in the meantime, shortening the time to reach the
state-of-control. Two general startup procedures have been seen in literature: immediate
continuous operation or batch crystallization as start-up. Both has been ‘praised’ for different
systems or different optimization objectives. Continuous MSMPR operation can start with a clear
solution or a slurry. It is however not advisable to start the MSMPR crystallizer dry as it may result
in excessive nucleation and fouling. If a clear solution is used during start-up, primary nucleation
will take place and the primary particles can serve as seed. A slurry can also be used as start-up
which serves as a seed bed. A batch crystallization can be performed first to create the crystalline
slurry for start-up [65], [67], but an improper batch design can lead to significant fouling and
blockage [123]. It is important to note that residence time must be long enough for both start-up
choices to avoid excessive particle washout to prevent periodic primary nucleation resulting in
large number of fines unless seed is carried in continuously with feed. Most studies in the current
literature are simulation based STC MSMPR optimization studies where kinetic parameter errors
are not quantified. As demonstrated in the last chapter, the mixing dynamics in the OBR is different
from a STC. It may have a significant impact on crystallization kinetics which in turn may change

process dynamics during continuous operation. In this study, the goal is to study the effects of
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different start-up strategies of cooling crystallization of PCM by the means of modeling and

experiments.

5.2 Material and Methods
5.2.1 Kinetic parameter estimation

Batch cooling crystallizations of paracetamol (PCM, Alfa Aesar, 98.0% purity) in ethanol (EtOH,
200 proof, Decon Labs) were carried out in the OBR to estimate the values of growth and
nucleation parameters. Four experiments were performed, all of which were carried out in the OBR
described in section 4.2.1. In-situ UV was used to measure concentration and FBRM was utilized
to monitor particle counts. Initial concentration (240 mg PCM/mL EtOH), seeding temperature
(43 <C), final temperature (15 <C) and oscillation intensity (2.5 Hz-10 mm) were unchanged among
four experiments. Seed size was varied between (1) 75-180 pum or (2) 60-120 um, seed loading
was varied between 3wt% to 10wt% and cooling rate (f) was varied between 0.05 to 0.3 <C/min.
Seed was sieved using Advantech L3P sonic sifter using sieve size 75um and 180pm or 60um and
120pum. End products were collected, filtered and dried for laser-diffraction based PSD analysis
(Malvern Mastersizer300, Aero S) to obtain their 10%, 50% and 90% size quantiles (D10, D50,

D90 respectively). Table 5-1 summarizes the experimental conditions discussed above.

Table 5-1 Experimental conditions of batch crystallization experiments in the OBR.

Exp# Cinitial Tinitial (C)  Thinat (T) B Seed Loading Seed Size
(mg/mL) (CT/min) (nm)
Expl 240 43 15 0.1 5.0g (10%) 75-180
Exp2 240 43 15 0.05 5.0g (10%) 60-120
Exp3 240 43 15 0.3 1.7g (3%) 75-180
Exp4 240 43 15 0.2 2.59 (5%) 75-180
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The PBM described by Eq(2.8) and (2.10) was used to simulate PCM crystallization in the

OBR. Semi-empirical kinetic expressions were used to describe secondary nucleation and growth:

B _ kS (C _ Csat)s EXp(—E)M Ms
RT
: (5.1)
G= kg (C _Csat)g Exp(_ﬁ)

where concentration has the unit of mg PCM/mL EtOH, kg (um min™t mL9 mg?), g, Eq (kJ/mol),
ks (# mint mLS* M1 (mg solution CBZ)® {mg solid CBZ)™"), s, and Ms are kinetic parameters.
These kinetic parameters are estimated by a least-square optimization algorithm which attempts to
fit the PBM simulated concentration to experimental concentration. Instead of attempting to assign
aweight to PSD quantiles in the objective function, product quantiles were taken into consideration
as constraints to force the model to produce reasonably sized products which narrows the search

range of the algorithm. The optimization problem can be described as follows:

i 2
kg*ngm:QvEs,Ms iZ(Csim,i _Cexp,i) (52)
such that
D50 .. —D50
end,sim end ,exp <15%
DSOend,exp
(5.3)
Dgoend sim Dgoend exp
: —| < 20%
Dgoend,exp

Laser-diffraction PSD measurement is more accurate in D50 and D90 measurement than D10
which is emitted in the constraints. The relative errors of D50 and D90 was bounded to 15% and
20% respectively. MATLAB function ‘fmincon’ (sequential quadratic programing algorithm) was
used and repeated with 100 sets of randomly generated initial guesses. The confidence interval

was calculated based on the gradient matrix.
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5.2.2  Start-up optimization

Five continuous experiments were carried out to examine the effect of different start-up strategies
on the process dynamics and steady-state product. The continuous operating conditions were
identical amongst all five experiments where 240 mg/mL PCM EtOH solution was fed into the
OBR continuously at 5.44 mL/min and slurry was removed intermittently from the bottom outlet
of the OBR every 2 minutes using a peristaltic pump (Cole-Parmer). The volume in the OBR was
maintained around 245 mL after each removal yielding a residence time of 45 minutes. Samples
were taken at the end of each residence time for PSD analysis. The temperature of the crystallizer
was maintained at 20<C.

Each experiment employs a different start-up strategy which is summarized in Table 5-2.
Start-upl employed linear cooling seeded batch experiment identical to Exp3 described in Table
5-1 except for 2 grams of seed was added instead of 1.7; start-up2 featured a cooling profile
optimized using the kinetics obtained in this study to maximize yield and steady-state product PSD

uniformity. The optimization problem is described as follows

tBr’QmS— span — yield (5.4)
such that
15<T; <43
T.(end) =20
t:i 243 ()

3% <m, <10%
where tg is the batch start-up duration (min) which was limited to less than 4 hours, Ty, denotes the
batch cooling profile which was discretized from 0 to ts and ms represents seed loading in wt%
which was constrained within 3%-10%. The batch temperature profile was limited between 15<C

to 43<C and the final temperature of the batch crystallization must be 20<C. Start-up3-5 feature
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direct continuous operation at the constant temperature of 20<C where the reactor was initially
filled with saturated solution (139 mg/mL). Start-up3 was identical to the experiment described in
section 4.2.5 where clear solution was used. Start-up4 utilized pre-sieved seeds of size 75-180 um
which was also used in kinetic parameter estimation batch experiments. Start-up5 used the steady-
state product of start-up2 experiment. In Start-up4 and Start-up5 2 grams of solids were added to

the initial saturated slurry.

Table 5-2 Start-up procedures of continuous crystallization experiments in the OBR

Exp# Mode Seed Co(mg/mL) To(C) Cooling
Start-upl Batch 75-180um 240 43 Linear
Start-up2 Batch 75-180um 240 43 Optimized
Start-up3 Continuous No 139 20 -
Start-up4 Continuous 75-180um 139 20 -
Start-up5 Continuous Steady-state product 139 20 -

5.3 Results and Discussion
5.3.1 Kinetic parameter estimation

A PBM was obtained for the cooling crystallization of PCM in EtOH by fitting simulated
concentration to experimental results using the experiments described in Table 5-1. Only growth
and secondary nucleation were considered; The estimated growth and nucleation kinetic parameter
values and their 95% confidence interval is shown in the Table 5-3. The simulated concentration
profile is shown in Figure 5-1. The model predicted concentration better in slow cooling
experiments. The mean square error of concentration prediction is 187.1 mg?/mL2 corresponding
to the mean relative error is 6.67%. D50 and D90 of the products were slightly underpredicted
while D10 was overpredicted. The MSE for D10, D50 and D90 were 442.7, 154.6, 1827.4 pm?

corresponding to the mean relative error were 58.7%, 9.44% and 16.1% respectively. The large
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error of D10 prediction was to be expected because a constraint was not put on D10 due to its large

measurement error.

Table 5-3 Estimated secondary nucleation and growth kinetic parameter values and 95% their

confidence interval.

Param. Unit Value 95%CI- 95%ClI+
kg [pm min?t mL% mg9] 0.22984 0.22983 0.22984
g [-] 1.61234 161234 1.61235
Eq [kJ/mol] 0.1049  0.10489 0.1049
Ks [# mLS*™MST mint mgsor® Mgerys™]  55019.9  55018.5 55019.9
S [-] 1.89644 1.89636 1.89644
Es [kJ/mol] 23.0179 23.0179 23.0179
Ms [-] 1.95543 195502 1.95543
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Figure 5-1 Simulated and experimental concentration profile of Expl (top left), Exp2 (top right),

Exp3 (bottom left), and Exp4 (bottom right).
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Table 5-4 Comparison of simulated and experimental batch product size quantiles

D10(nm) D50(um) D90(nm)
Exp Model Exp Model Exp Model
Expl  30.30 48.23 115.3 100.1 242.4 191.4
Exp2 36.52 50.14 104.8 104.0 224.4 174.3
Exp3  36.20 63.14 117.4 103.7 207.5 202.8
Exp4d  36.21 59.36 115.6 101.7 247.6 200.9

PCM growth kinetics in EtOH have also been studied in STCs by Worlitschek and Mazzotti
(2004) [196] and Mitchell et al. (2011) [153], [202] the results of which are converted into the
units used in this study and shown in Table 5-4. A comparison of growth rates simulated at various
supersaturation and temperature is shown in Figure 5-2 which suggests fast growth in the OBR
possibly due to the gentler mixing dynamics. However, the PBM obtained in this model has not
been verified and validated based on its risks. Further studies are required to make a confident

conclusion.

Table 5-5 Growth kinetic parameters comparison to literature values.

OBR Worlitschek and Mazzotti Mitchell et al.

kg 0.2298 69.42 453.375
g 1612 1.9 1.602
Eq 0.1049 41.6 40.56
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Figure 5-2 A comparison of growth rates of various absolute supersaturation and temperatures
obtained in this work and from literature.

5.3.2 Model guided batch start-up optimization

The PBM model obtained was used to optimize a batch crystallization as the start-up procedure
for start-up experiment 2. The duration of the batch start-up procedure was allowed to vary to
obtain an optimized solution. The optimized operating temperature and the simulated
concentration, particle count (0" moment, noted as o) and D50 are plotted in Figure 5-3.
‘Negative’ residence times indicate the batch start-up procedure which was optimized to be
approximately 227 minutes while the seed loading was optimized to be approximately 5% (2 grams
of seed) which is the same as the batch procedure in start-up experiment 1. At time zero, continuous
feed was initiated by the model and the removal was assumed to be constant which has been shown
mathematically equivalent to intermittent removal [117]. According to the simulation, particle
count persisted to decrease while D50 increased steeply suggesting severe particle washout. The
nucleation rate was likely underpredicted for continuous operation considering that the kinetic
parameters were obtained with batch experiments. However, the optimized batch cooling profile

has potential to produce uniform steady-state product because the particles at the end of the batch
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procedure are large and uniform in size. The optimized batch cooling profile features fast cooling
followed by slow cooling followed by a small heating cycle and eventually slow cooling to 20<C
promoting growth and fines dissolution. Therefore, even though the model may not have made
reliable prediction of continuous operation, it is worthwhile to compare with a fast cooling batch

start-up procedure noted as start-up4 in Table 5-2.
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Figure 5-3 Simulated Start-up5 concentration, particle count (uo), and D50 profile applying the
optimized start-up batch cooling procedure.

5.3.3 Experimental start-up strategy comparisons

Carrying out a batch crystallization first can be a plausible start-up strategy because many
techniques can be applied to manipulate the end batch product which serves as seed during
continuous operation. It can be especially beneficial if the model compound is not readily available
in the desired crystalline form. Two batch start-up strategies were tested in this study: a fast-linear
cooling experiment and an optimized experiment using the temperature profile described in section
5.3.2. The temperature, concentration, total particle count and SWMCL are shown in Figure 5-4.
‘Negative’ residence times represents the batch start-up procedure. During fast cooling start-up,
the particle count quickly increased but a steady count was not reached before the start of

continuous operation at ‘time zero’. A slight particle washout is observed at the beginning of the
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continuous operation where total particle count decreased followed by a slow increase. Meanwhile
SWMCL slightly increased followed by a sharp decrease and eventually oscillated to stability. The
same dynamics can be clearly observed in the optimized batch start-up procedure. A zoom into
residence time 0-2 is shown in Figure 5-5 during which particle washout took place immediately
after the initiation of continuous operation resulting in particle count decrease. This is likely caused
by the high solid concentration of crystals at the end of the batch procedure. High particle loading
can result in growth promotion and nucleation suppression which also explains the SWMCL
increase. As particle was being carried out of the vessel, nucleation was no longer suppressed thus
the particle count increased accompanied by the sharp SWMCL decrease. As continuous operation
carries on, nucleation and growth dynamic eventually stabilized around 3 residences times in
experiment 1 and approximately 4 residence times in the second experiment. Both maintained very
similar stead-state concentration. The steady-state products medium size and span were similar as
shown in Table 5-6: Start-upl yielded D50 of 110 um and span of 1.72 while Start-up2 produced
steady state product of 115 um and 1.64 span as summarized in Table 5-6. As the objective function
aimed to maximize yield and minimize span, indeed the span was slightly improved than fast linear

cooling batch start-up procedure at a hefty price of 135 minutes longer in batch duration.
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Figure 5-4 Concentration, temperature, total particle count and SWMCL profile overtime of Start-
upl (top) and Start-up2(bottom).
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Figure 5-5 Zoom in operating profile of 0-2 residence times of Start-up1 (left) and Start-up2(right).

Direct continuous operation start-up strategies are also a popular choice. Three different

strategies were tested in this study featuring the initial vessel filled with clear saturated solution,
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sieved raw material suspension in saturated solution and previous continuous crystallization
product (Start-up2) suspension in saturated solution listed in Table 5-2 as Start-up3, 4 and 5
respectively. The temperature, concentration, total particle count and SWMCL are shown in Figure
5-6. An FTIR was used to measure the concentration in Start-up3 and 4 and an in-situ UV was
used in Start-up5. No feed or slurry removal was performed during ‘negative’ residence times.
Start-up3 was unseeded, thus as continuous operation began, particle count remained at zero while
concentration increases until primary nucleation was triggered. Concentration and FBRM
measurement eventually reached stability around 4 residence times. Start-up4 started with sieved
seeds suspended in saturated solution. The suspension was given time stabilize before continuous
operation during which Ostwald ripening or agglomeration possibly took place indicated by the
particle count decrease. A slight washout can be observed at the beginning of continuous operation
as supersaturation was just starting to build up. Significant nucleation was triggered at 0.5
residence times which was slightly earlier than Start-up3. The initial solution in Start-up3 was
slightly supersaturated which triggered nucleation earlier in time but at larger supersaturation than
Start-up4 or 5. Primary nucleation requires a larger activation energy barrier. The washout was the
least significant in Start-up5 likely due to that the steady-state product balanced nucleation and
washout to establish an operating state similar to that of stead state operation. Start-up5 drove the
system quickly to steady-state in about 3 residence times displaying a smooth operating profile

without intense process dynamics.
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Figure 5-6 Concentration, temperature, total particle count and SWMCL profile overtime of Start-
up3 (top), Start-up4 (middle) and Start-up5 (bottom).

The steady state product of Start-up4 and 5 were similar in medium size which were 111
um and 117 pum as well as span which were 1.73 and 1.69 respectively. Both improved in
uniformity compared to the unseeded start-up strategy in Start-up3 which produced steady state

product of 115 um D50 and 1.85 span. The detailed size quantiles and span are summarized in
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Table 5-6. Primary nucleation resulted in larger number of fines and is generally undesirable.
However, if premade seeds are not available, it is still a reasonable strategy which produced

slightly less uniform products.

Table 5-6 Medium size (D50) and span of samples taken at various residence times (RT) of start-
up experiments 1-5.

1IRT 2RT 3RT 4RT 5RT ©6RT 7RT
D50 117 105 110 110 110 110 -

Startupl goon 172 181 171 171 171 172 -
Startupz D30 126 100 105 117 105 115 -
Span 155 197 171 169 176 164 -
startups D0 - BL5 - - 102 - 115
Span - 1.94 - - 209 - 1.85
D50 - - - - 1106 - -
Start-up4 Span - i i i 173 - i
startups D0 - 125 122 105 116 117 -
Span - 153 165 173 171 169 -

Taking all five start-up strategies into consideration, it took approximately similar amount
of time to reach steady-state despite gentle or severe particle washout and produced products of
similar size and uniformity. While continuous crystallization processes may generally present
different steady states with different start-up procedures due to potential multiplicity, the particular
system studied in this study did not exhibit such behavior. This is likely because the time scale of
PCM nucleation and growth is much shorter than the residence time which also prevented periodic
particle washout and nucleation.

Looking closely at steady state yield and product size uniformity, Start-up 2 which featured
a computationally optimized batch cooling profile produced the highest yield and lowest span
which was the optimization objective, but not by a significant amount at the price of a long batch
duration which may be undesirable. On the other hand, Start-up5 featuring direct continuous

operation with Start-up2 steady state product as seed produced products of the second lowest span
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with the gentlest washout event. A smooth operating profile can be desirable to prevent
sedimentation, pump failure and excessive fines. It can also be a preferred procedure for control

strategy implementation or digitalization.

5.4 Conclusion

Start-up strategies were investigated in this study for the continuous cooling crystallization of PCM
in the OBR. Five different strategies were explored: two featured batch start-up procedures
including one batch optimized using kinetic parameters obtained with batch experiments carried
out in the OBR; and the other three featured direct continuous operation. Batch start-up procedures
caused washout at the beginning of continuous operation due to the suppressing effect of heavy
solid concentration has on secondary nucleation. Overall, the optimized start-up strategy indeed
resulted in highest yield and most uniform PSD but not significantly at the price of significantly
longer start-up duration. Direct continuous operation featuring steady state products of a prior
continuous experiment yielded the smoothest operating profile producing products of similar

uniformity. It may be the most desirable for control framework implementation.
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6. DEVELOPMENT OF CONTINUOUS FILTRATION IN A NOVEL
CONTINUOUS FILTRATION CAROUSEL INTEGRATED WITH
CONTINUOUS CRYSTALLIZATION

6.1 Introduction

Filtration has long been developed through practical and empirical knowledge instead of
mechanistic understanding because of the complex nature of filter cake formation.[203], [204]
Bench-scale vacuum filtration setups are often used during development to gain some empirical
understanding of the slurry which may be unrepresentative of large scale behaviors. At
manufacturing scale, filtration usually takes place in batch equipment of large and complicated
geometry introducing greater uncertainties because of the complex interaction between the slurry
feed and the complicated moving parts. Filtration performance is often characterized by the
product moisture content which assesses the liquid removal during filtration. As the inseparable
counterpart to crystallization, it is also important to assess the impact on particle properties such
as product particle size distribution (PSD), particle morphology and polymorphism if applicable.
Washing of the filter cake is a common practice to strip impurities, redissolve undesirable fine
particles and to prevent filter media fouling [147], [205]-[207]. Continuous filtration is a relatively
new area of study in the pharmaceutical industry and only a small number of publications on this
topic have been found. Yazdanpanah et al. (2016) studied a novel falling film continuous
crystallization technique that combines crystallization and removal of solvent in one step that
separates crystals from their mother liquor to form a solid film. The crystalline film was then
subsequently redissolved for purification purposes and the film could not be continuously collected
as isolated solid products. Gursch et al. (2015 [208] & 2016 [209]) studied a small-scale cross flow

membrane filtration device that utilized a high rpm rotor to drive filtration. The authors found a
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material-specific linear relationship between the feed and permeate rate. However, the high shear
of the motor may be unsuitable for brittle particles. The filtered filter cake layer also requires
manual removal after concluding the operation.

To address this gap of the integration of continuous crystallization and filtration, a novel
prototype continuous filtration carousel (CFC) is studied in conjunction with the OBR to develop
a true continuous API separation step where supersaturated solution is crystallized and
subsequently filtered to obtain the API in solid form continuously. The CFC consists of a small
slurry drawing cell and a rotating multi-port filtering body to transfer and filter slurries
continuously under vacuum. The unique vacuum facilitated slurry draw scheme, similar to that of
a pressure-swing MSMPR transfer zone[116], is especially beneficial for direct coupling with
crystallization to prevent transfer line fouling. It is also equipped with automated washing and
cleaning-in-place (CIP) capabilities to prevent process shutdown due to filter fouling. This is an
update to a previous version of the CFC that utilizes gravity for slurry transfer which requires an
elevated hold-up tank. Our colleagues carried out a proof-of-concept study to demonstrate the
feasibility of coupling the CFC (previous version) with continuous crystallization. Successful
operation of integrated continuous crystallization and filtration of PCM and benzoic acid was
demonstrated [15].

In this updated study, it is aimed to investigate CFC operating parameters and their effects
on filter cake qualities via stand-alone filtration studies. PCM and benzoic acid are also used as
model systems to investigate CFC performance on compounds of vastly different shape, size and
crystallization procedures. Furthermore, direct coupling of CFC and the continuous crystallization
without a hold-up tank are demonstrated using the optimal process parameters obtained during

filtration experiments.
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As the pharmaceutical manufacturing sector starts to adopt the quality-by-design approach,
risk management becomes the ‘centerpiece’ when developing and evaluating a new or updated
process[3], [148]. It can be of great values to consider potential risks of a novel technology even
at its early development stage. Here a short discussion is carried out on the risk considerations of
continuous filtration operations in hopes to encourage its application in the pharmaceutical
industry to advance the transformation from traditional batch to end-to-end continuous

manufacturing of oral solid dosage form drugs.

6.2 Experimental Methods and Material
6.2.1 Materials

Two model compounds were selected to study the integration of continuous crystallization and
continuous filtration. Paracetamol (PCM, Alfa Aesar, 98.0% purity) in ethanol (EtOH, 200 proof,
Decon Labs) is the first model system selected for its filterability: PCM crystals are of prism-like
cubic shape which is less likely to cause fouling and EtOH is volatile and easy to dry. To challenge
the CFC, benzoic acid (BA, Fisher Scientific Education, 99% purity), EtOH and water mixture
was selected as the second model system: BA crystals are of plate-like, elongated shapes which
are much more difficult to filter and the addition of water as antisolvent poses an extra challenge

for drying.

6.2.2 System setup

The continuous filtration carousel (CFC, Figure 6-1) is a prototype product designed and
manufactured by Alconbury Weston Ltd (AWL). The main filter body as illustrated in Figure
6-1Figure 2-33b consists of 5 ports with ports 1-4 covered by a Poremet metal filter at the bottom.
During automated operation, the CFC utilizes vacuum to transfer slurry into the charge cell which

is located higher than the filter carousel as well as the upstream vessel. A check valve is placed
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between the inlet tubing and the charge cell which opens for a set time (noted in this study as
‘charge time’) allowing a certain amount of slurry to be drawn. Once it closes, the slurry drawn up
the inlet tubing falls back into the upstream vessel while slurry already drawn into the charge cell
remains in the charge cell. The pinch valve is subsequently opened allowing slurry in the charge
cell to fall into port 1. In the meantime, wash solvent is dispensed into port 2 for a set time
determined by the user (noted in this study as ‘wash time’). Wash time determines the amount of
wash solvent dispensed into the carousel. Port 3 is blanked at the inlet during normal operation but
is connected to the cleaning solvent tank and is utilized for CIP procedure when the filter mesh is
fouled which can be detected by the pressure sensor installed at the filter mesh. During automated
CIP, slurry is no longer drawn into the system, but the same filtration time is performed until all 4
ports are emptied followed by high flowrate washing of the filter body with CIP solvent while the
filter rotates clockwise continuously for four revolutions. Port 4 is blanked off completely but
allows extra time for drying. Vacuum is applied under the filter mesh to remove filtrate/solvent
and air-dry the filter cakes residing in port 1-4. The vacuum pressure can be controlled by the
regulator equipped on the vacuum pump. However, the vacuum is established in the filtrate
receiver vessel and therefore is not tightly maintained during operation. Then the carousel is
rotated one index counter-clockwise i.e. port 1 becomes port 2 for wash, port 2 becomes port 3 etc.
Port 5 is equipped with a piston at the top to push the filter cake into the collector vessel at the
bottom. EtOH is used for washing and CIP for both model systems in order to lessen or prevent
filter mesh fouling. For clear notation in this work, one clock-wise rotation will be referred to as a
‘step” and a full revolution (i.e. material traveling from port 1 to being pushed out at port 5) will

be referred to as a ‘cycle’. The time between each step is determined by the vacuum time set by
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the user and the cycle time is the residence time of the continuous filtration process which is

approximately four times the vacuum time.
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Figure 6-1 (a) A picture and (b) schematics of the continuous filtration carousel (CFC) used in this
study manufactured by AWL.

6.2.3 Filtration experimental methods

Six stand-alone filtration experiments using premade slurries were performed to evaluate CFC
performance for each model system. The slurries were made via batch crystallization experiments:
PCM slurries were produced via unseeded batch cooling crystallization experiments where
concentrated solution (240 mg PCM/1 mL EtOH) was cooled from 45<C, its saturation temperature,
to 20<C at the cooling rate of 0.3<C/min. All PCM crystals produced in this study are of the stable
polymorphic form (form 1); BA crystal slurries were obtained via a semi-batch anti-solvent
crystallization experiment where antisolvent (water) was added to concentrated BA EtOH solution

(360 mg BA/1 mL EtOH) over 90 minutes. At the end of the batch experiment the solvent to anti-
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solvent ratio (SASR) which is defined as the volume ratio of EtOH to water, reached 0.23.
Solubility data for PCM in EtOH and BA in water-EtOH were obtained from the literature [14],
[196], [210]. Vacuum time and wash time were varied to investigate their effects on the properties
of the filter cake as shown in Table 6-1. The filtration time was varied between 1 -2 minutes which
is consistent with idle time duration of intermittent product removal commonly practiced in
continuous crystallization studies.[14] The amount of slurry drawn in each step was determined
based on the coupled crystallization experiment flow rate which will be described in section 6.2.4.
During each filtration experiment, samples were collected every cycle for moisture content
analysis using a Veritas A64M moisture balance. At the end of each experiment, a small sample
was drawn from all filtered products collected during the experiment for PSD measurement using
dry-dispersion laser diffraction (Malvern Mastersizer 3000 Aero S). The order of experiments was
randomized. A bench vacuum filtration of the same slurry was also performed for each experiment

using a Synthware Buchner filter funnel (150mL fine) for filter product size comparison.

Table 6-1 Experimental conditions of the stand-alone filtration experiments of PCM and BA
systems.

Exp# Filtration Time (min) Slurry Drawn per Step (mL) Wash time (min)

Expl 1 5.4 05
Exp2 1 5.4 1
Exp3 15 8.17 05
Exp4 15 8.17 1
Exp5 2 10.8 05
Exp6 2 10.8 1

6.2.4 Integration of crystallization and filtration

The coupling of continuous crystallization and filtration was achieved by connecting the CFC
directly to the OBR (described in section 4.2.1) through its overhead port as shown in Figure 6-2.

Both PCM and BA model systems were examined with a continuous experiment using the coupled
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OBR-CFC system. Both continuous experiments feature continuous feed and intermittent product
removal with the CFC. The volume in each experiment was maintained at approximately 245 mL
after each removal and the residence time of each experiment was 45 minutes. In the PCM
experiment, 240 mg/mL PCM EtOH solution was fed into the vessel at 5.45 mL/min continuously
via a peristaltic pump (Cole-Parmer). Feed solution is saturated at 45<C and the OBR is maintained
at 18<C during continuous operation which is slightly lower than room temperature to prevent
further crystallization in the CFC or in the transfer tubing. An unseeded batch cooling
crystallization was carried out as the start-up procedure: 245mL of 240 mg/mL PCM solution was
cooled linearly from 45<C to 18<C at 0.3<C/min without seeding. The crystals produced during
batch serve as seed for subsequent continuous operation. For BA, the same semi-batch anti-solvent
crystallization experiment described in section 6.2.3 was performed as the start-up procedure
followed by continuous operation. Concentration BA EtOh (360 mg/mL) and water were fed into

the crystallizer at 1.23 mL/min and 4.21 mL/min respectively to achieve the SASR of 0.23 [14].
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Figure 6-2 Coupled continuous crystallization and filtration system set-up.
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For both model systems, crystallization slurry was directly removed by the CFC drawing
scheme where a certain amount of slurry was drawn intermittently. The amount of slurry
withdrawn in each step was calculated to achieve the optimal filtration time based on the results
of the stand-alone filtration experiments which will be discussed in section 6.3.1. An additional
peristaltic pump was implemented to remove slurry in the same fashion as the CFC drawing
scheme during the first two residence times and during automated CIP when filter fouling is
detected as the CFC drawing scheme is disabled during CIP for one full cycle in addition to the
CIP time period. At the end of each residence time, a sample is collected at the outlet of CFC for
moisture content and PSD analysis. All solid products were collected and dried to calculate yield.

A summary of the start-up and continuous operation conditions is listed in Table 6-2.

Table 6-2 Start-up and continuous operation conditions of the coupled crystallization and filtration
experiment for PCM and BA systems.

Compound PCM BA
Start-up Initial T/SASR 45<C 20°C,
Conditions End '_I'/SASR_ N 18<C _ 20, 0.23_

Cooling/Antisolvent Addition Rate  0.3<C/min 2.26mL/min

Feed Conc (mg/mL) 0.24 0.36

: . BA solution: 1.23;
Feeding rate (mL/min) 5.34 water: 4.21
. Crystallizer volume (mL) 245 245

8;2?{;?;#3 Residence time (min) 45 45

Crystallizer T/SASR 18<C 20, 0.23

CFC slurry drawn per step (mL) 8.17 10.8

CFC vacuum time per step (min) 1.5 2

CFC wash time (s) 0.5 1

6.3 Results and Discussion
6.3.1 Filtration experiments

The effect of filtration time and wash time was investigated for both PCM-EtOH and BA-EtOH-

water slurries using the experiments summarized in Table 6-1. The moisture content of each
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experiment is plotted in Figure 6-3. The moisture content of PCM products were all under 10%
which are comparable or less in comparison with experiments carried out in the precedent CFC
prototype [15]. Changing the vacuum time did not affect the moisture content significantly. The
cake resistance, or the material flux across the filter, is similar if the slurry properties and vacuum
pressure are similar (assuming the cake is incompressible) [211] which vyields linear
proportionality between filtration time and cake height. Therefore, the moisture content was
predictably unaffected as slurry drawn per step was proportionally changed with changing vacuum
time to match the flow rates of coupled experiments described in section 6.2.4. Increasing the wash
time slightly worsen the filter cake moisture content for vacuum time 1-minute and 1.5-minute
experiments because more solvent would take longer to dry whereas increasing wash time from
0.5 to 1 second barely affected 2-minute vacuum time experiments likely because such a small

increase was insignificant compared to the large filter cake volume.
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Figure 6-3 Moisture content of the filter product with various vacuum times and wash times for
PCM and BA slurries.

On the other hand, BA experiments yielded moisture content between 15% - 35% which
are similar or less compared to literature [15], BA products had much higher moisture content than

PCM as a result of the added water which is more difficult to dry. Increasing the wash time
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significantly improved the moisture content in the filter cakes because EtOH was able to dissolve

fines that were fouling and blocking the filter mesh while increasing the overall volatility of the

liquid. Changing the vacuum time also did not result in significant changes in moisture content.

Another important factor to consider when evaluation filtration performance is its effect on

the product PSD. Because the slurry was produced via crystallization, the resulting crystal size

distribution is difficult to measure directly. A typical bench vacuum filtration followed by oven

drying was performed with the same slurries of the CFC experiment to obtain isolated crystal

products for PSD analysis. The D50 and span comparison between the CFC products and bench

filtration products is shown in Table 6-3. Microscopic images are shown in Figure 6-4.

Table 6-3 D50 and span comparison of the CFC and bench vacuum filtration products for both

PCM and BA experiments.

Exp# Expl Exp2 Exp3 Exp4 Exp5 EXxp6
Vacuum Time (min) 1.0 1.0 1.5 1.5 2.0 2.0
Wash Time (s) 05 10 05 10 05 10
D50 (um) 104 105 122 97 126 1073
BCM CFCProduct  “o on ™ 210 187 170 190 172 186
sench Progucy D50 (M) 930 948 936 948 936 959
Span 159 181 174 181 174 166
D50 (um) 584 - 461 413 536 49.7
aA CFCProduct "o on ™ 105 - 201 268 214 194
sench Progucy D50 (M) 545 - 412 536 545 473
Span 187 - 175 214 187 178

156



Figure 6-4 Microscopic images of CFC filtered and moisture balance dried PCM crystals (top
row) and BA crystals (bottom row).

Compared to bench vacuum filtered products, CFC products generally had larger medium
size due to washing. EtOH is a strong solvent for both PCM and BA which dissolved fines during
washing and therefore lead to larger PSDs. PCM CFC products yielded comparable uniformity
(span) compare to bench products whereas BA CFC products were generally less uniform than
bench filtration. Benzoic acid crystals often agglomerate when an anti-solvent like water or toluene
is present [94], [135], [212] because of fine particle generation and its elongated particle geometry
as observed in Figure 6-4. In addition, the cake in the chamber had limited drying time and was
handled with various mechanical force which also promotes agglomeration. Bench vacuum
filtration on the other hand allows more area for even drying resulting in less agglomeration. The

heavy agglomeration during CFC operation caused wide and even bimodal PSD of BA products.
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However, this can be easily improved by implementing a drying step as opposed to fast drying in
the moisture balance. PCM on the other hand are more cubic in shape resulting in less
agglomeration and moisture detention.

Increasing the washing time from 0.5 to 1 second resulted in smaller, less uniform products
for most PCM experiments. During 1 second washing, the washing solvent was not thoroughly
drawn through the filter cake. The excess EtOH possibly caused some crystallization by
evaporation in addition to washing away fines which led to more fine generation than 0.5 second
washing time experiments. PCM CFC experiment 1 and 2 are an exception because the product
recovered was of such little amount that Mastersizer laser signal was unstable which is also the
case for BA CFC experiment 1 and 2. Therefore a conclusion cannot be drawn with confidence
for vacuum time of 1 minute. BA CFC experiment 2 product was of such little amount and so
heavily agglomerated that the Mastersizer was not able to obtain a reading. In other BA CFC
experiments, the washing time effects on product PSD were not very significant. However,
increasing the wash time largely improved filter fouling. During BA experiments 1,3, and 5, filter
fouling was detected, and auto-CIP was initiated after about 30-40 minutes of operation whereas
auto-CIP was not required during experiments 2,4,6 in the 60-80 minutes operation time tested.
The de-fouling effect of washing also explains why increasing wash time resulted in less moisture
content for BA experiments. Without periodic washing and solid removal, traditional bench
vacuum filtration is much more prone to fouling and process failure. In comparison, no filter
fouling incident was observed during PCM experiments. Changing the vacuum time did not have
significant effects on product PSDs or moisture content.

Taking both moisture content and product PSD results into consideration, an optimal set

of operating conditions can be picked for both PCM and BA systems. PCM experiment 3 (vacuum
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time 1.5 minutes, wash time 0.5 second) yielded the most uniform PSD with one of the lowest
moisture contents and thus is selected as the optimal condition. In BA experiments, experiment 6
(vacuum time 2 minutes, wash time 1 second) was the best performing experiment. Therefore
experiment 3 and 6 were selected for following coupled experiments of PCM and BA systems

respectively as indicated by Table 6-2.

6.3.2 Integration with continuous crystallization

A coupled continuous crystallization process in the OBR and continuous filtration in the CFC was
demonstrated using the selected conditions from the stand-alone experiments for both PCM and
BA crystallization systems. Concentration (in terms of UV peak height at 250 um), particle count,
square-weighted mean chord length (SWMCL) and temperature (T) profiles of PCM experiment
are shown in Figure 6-5. ‘Negative’ residence times represent the batch startup procedure and time
zero indicates the start of continuous operation. During the first two residence times, peristaltic
pumps were used to feed continuously and remove slurry intermittently every 1.5 minutes.
Concentration slightly raised at time zero as continuous feed initiated while FBRM count remained
relatively constant. As coupled CFC operation started at the beginning of the second residence
time, SWMCL sharply decreased as total particle counts increased while concentration remained
unaffected. This is likely due to the more effective drawing scheme of the CFC which removed
large particles that the peristaltic pump was not removing effectively. Peristaltic pump driven
product removal leaves slurries stagnant when idle which burdens the pump during active slurry
removal. During coupled OBR-CFC operation, steady state quickly established around 4 residence
times with some periodic disturbances on the concentration because of the level oscillation in the
OBR. This is caused by the CFC overdrawing at the beginning of each step after which, the slurry

falls back into the crystallizer as described in section 6.2.2a. As a result, the level in the OBR fell
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and raised in a larger range than the peristaltic pump removal scheme. However, the system
operated in a state of control where concentration and particle count was able to recover after each
disturbance which is a more appropriate term to describe the steady operation of continuous

processes [10], [23], [100].
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Figure 6-5 Operating profile of continuous crystallization of PCM in the OBR.

Samples are collected at the outlet of the CFC periodically for moisture content and PSD
analysis, the results of which are shown in Figure 6-6. Product moisture content, medium size and
span stabilized after approximately 4 residence times which is consistent with the process
dynamics in the crystallizer. The state-of-control values of product moisture content (~5%), D50
(~170 pum) and PSD span (~1.3) are also comparable with the stand-alone CFC experiment 3. A
total of 34.3g of CFC-filtered and oven-dried products was obtained in the last three residence
times reaching a ‘steady-state’ yield around 47.6% as defined below

CryStaI Obtained _ mcollected /tcollection (6 1)

yield% = —-100 ==
max amount of crystal possible Q, (C,; -C,, @18°C)

where Meoliected Stands for the mass of crystal collected (mg) in a period of time during state-of-
control operation denoted as teoltection (MiN), Oin represents inlet volumetric flow rate (mL/min), Cs

denotes feed concentration (mg PCM/mL solution) and Csat Stands for saturation concentration
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(mg PCM/mL solution). No filter fouling was detected and thus CIP was not required during
operation. Unconsumed supersaturation in the OBR, solid lost in the crevices of the CFC, and solid

lost due to human error during sample handling are all possible explanations of yield lost.
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Figure 6-6 Coupled CFC product moisture content, D50 and span of PCM.

Concentration (in terms of UV peak height at 220 um), particle count, SWMCL and
calculated SASR profiles of the BA experiment are shown in Figure 6-7. Samples are collected at
the outlet of the CFC periodically for moisture content and PSD analysis, the results of which are
shown in Figure 6-8. Similar to the PCM experiment, ‘negative’ resident times represents the semi-
batch start-up procedure and at around two residence times, CFC operation was initiated. Because
of the strong tendency of BA crystal to agglomerate with water, the peristaltic pump was not able
to remove slurries effectively. The idle BA slurries completely blocked the outlet tubing several
times and slurry had to be removed manually by releasing the tubing from the pump gear. Once
the CFC was coupled, the vacuum driven drawing scheme was able to transfer slurries from the
OBR much more efficiently without blockage issue however it caused even larger level variation
than the PCM experiment because of the 2-minute vacuum time (10.8 mL/step filtration rate). This
caused particle count and SWMCL in the OBR unable to maintain a controlled state. However,

concentration, product moisture content and D50 were relatively unaffected after 4 residence times.
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The product high moisture content observed in this experiment was also consistent with stand-
alone CFC experiments and can be attributed to the difficult particle morphology of BA. Heavy
agglomeration, as also observed during stand-alone experiments (Figure 6-4), broadens the product
PSD. The low medium product size was consistent with stand-alone experiments and is generally
expected in continuous anti-solvent crystallization processes of difficult-to-grow compounds such
as BA. A total of 22.5 g of CFC filtered, oven dried BA product was obtained in the last three

residence times attaining a yield of 47.0%.
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Figure 6-7 Operating profile of continuous anti-solvent crystallization of BA in the OBR.
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Figure 6-8 Coupled CFC product moisture content, D50 and span of BA.
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Filter fouling did not occur during operation on account of periodic washing and solid
removal which is a great advantage of the CFC. Similar performance was not seen with bench
scale vacuum filtration. After concluding the coupled experiment of BA, the content of the
crystallizer was removed with a peristaltic pump in the same intermittent fashion as it did in the
first two residence times of the experiment. The outlet of the pump was placed directly onto a
bench-scale vacuum set-up filtration (with the same pore size). It was completely fouled in just 10
minutes where liquor could no longer pass through the filter which is a common issue associated
with semi-batch filtration set-ups [27], [213].

Coupled CFC-OBR operation to isolate PCM crystals was successful where state-of-
control was reached in about four residence times and dry and uniform PCM particles were
obtained at a considerable yield. On the other hand, dry and uniformly sized products were not
obtained during coupled BA crystallization and filtration. However, implementing a drying
mechanism in the CFC carousel can significantly improve the CFC performance with difficult
systems such as the BA-EtOH-water system which has been explored with AWL’s next generation

continuous filtration drying unit [147].

6.3.3 Risk considerations of the CFC

It is valuable, especially for pharmaceutical and food applications, to examine the possible risk
factors associated with continuous filtration that may cause process failure. Different processes
may have different levels of influence on the overall quality of the product thus process failure
may be defined differently in different situations. In this short discussion, process failure is loosely
defined as producing possible undesirable product quality attributes or inducing process operation
difficulties. An Ishikawa diagram (also known as a fishbone diagram) is constructed in Figure 6-9

to demonstrate potential factors that may lead to process failure. The risks factors are generally
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categorized into six general areas. Most factors shown in Figure 6-9 are applicable to any

continuous filtration operation while a few factors are unique to the CFC.
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Figure 6-9 Ishikawa diagram showing potential risks of continuous filtration that may lead to
process failure.

d.Slurry filterability

Difficult to filter slurries may lead to excessive filter fouling despite washing and cleaning efforts.
Adverse material and slurry properties such as needle, plate like particle shapes, heavy particle
concentration, excessive fines, and/or wide particle PSDs makes the slurry more difficult to filter.
In addition, high supersaturation can cause heavy crystallization on the filter mesh which easily
fouls the filter. These risk factors are best mitigated by particle engineering during crystallization

or pre-treatment such as washing and solvent swapping before filtration.
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e.Process

Process parameters largely determine the end product quality as demonstrated in this study.
Filtration time, vacuum pressure, wash time, CIP setting, and filter mesh selection are all

parameters that should be optimized to avoid process failure.

f.Automation

The CFC is a highly automated equipment that requires proper communication between the sensors
and the software as well as the mechanical parts and the software which is likely the case for any
other continuous filtration equipment. As any mechanical parts wears down over time,
maintenance and replacement must be scheduled regularly to ensure their integrity. This is
especially important because malfunctioning sensors or moving mechanical parts can result in
operator injuries or near misses such as body parts or garments getting caught in rotating gears.
Pressure source is used by the CFC to enable automation of the piston and the check valve.

Maintaining a stable pressure source is essential to the CFC operation.

g.Process analytical technology (PAT)

Process analytical technology is the critical tools to gain mechanistic understanding of the
process[11]. On the current CFC configuration, it is difficult to implement online PAT tools which
poses a potential risk as online monitoring and control abilities are not possible. Flow cell PAT
tools can be implemented to gain more insights into the continuous filtration process dynamics. If
PAT tools are implemented and are used for monitoring or control, the sensitivity, precision and

accuracy must be tested based on its application to quantify the risks.
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h.Drawing scheme

The drawing scheme is a strong advantage of the CFC over a passive continuous filtration unit
which may require peristaltic pump facilitated slurry transfer. The fill time (time allowed for slurry
to fall from charge cell to the carousel), charging time and vacuum pressure of the CFC should be
optimized and controlled for consistent slurry drawing. However, the drawing amount can still be
affected by upstream vessel position and level variations which may drive the process away from
state-of-control operation. A flowmeter may offer more control over the drawing scheme which is

implemented in the next generation CFC [147].

1.Slurry/Product transfer

Slurry transfer has been identified as the most challenging issue associated with continuous two-
phase processes such as crystallization and filtration [23], [27], [66], [100]. Insufficient slurry
transfer may cause slurry accumulation, vessel overflow and complete blockage of outlet tubing.
Direct coupling of continuous crystallization and filtration may be the obvious better choice, but
it may be difficult to implement due to scale and scheduling. Using a hold-up tank may be
inevitable as a middle step when transferring between the crystallizer and the CFC. If a pump is
used to transfer slurries, special attention must be paid to avoid excessive tubing kinks, fittings or
pump idle time. The design of the drawing cell is also important to prevent overdrawing of slurries
which will spill over the entire carousel when released. The solid product transfer scheme is also
important because if solid products were not timely and sufficiently removed from the filter, the
‘leftover’ solids may cause filter media fouling, corrosion of carousel gears, lowered yield and
potential polymorph transformation. Ensuring piston functionality and communication with the

software is critical to ensure effective solid product removal.
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The factors discussed above will likely not all have detrimental effects on the process.
Nevertheless, a combination of a few factors may worsen the effect of each other and easily cause
process failure. When such failure happens, it is important to organize and trace the possible causes

in the six aspects discussed above to prevent or significantly delay process failures.

6.4 Conclusion

Successful continuous filtration processes have been established in the new CFC for PCM-EtOH
and BA-EtOH-water systems. Stand-alone filtration experiments have been carried out to examine
the effects of vacuum time (slurry drawing rate) and wash time on product moisture content and
PSD. Vacuum time had no significant impacts on the process but wash time was shown to be very
influential. A set of CFC operating conditions were chosen based on the stand-alone experiments
and true continuous crystallization-filtration was successfully carried out for both PCM and BA
model systems without the use of a hold-up tank. For PCM, stable state-of-control operation was
established after four residence times and desirable crystal products were produced continuously.
A considerable yield of 47.6% was achieved during state-of-control operation. While heavy
agglomeration and water entrapment was encountered during BA crystallization-filtration process,
CFC still showed great advantages for its sustained operation without complete filter fouling or
failure which can be challenging for semi-batch filtration setups. 47% yield was also achieved.
The implementation of heated drying in the filtration chambers can largely improve the drying of
the filter cake and heavy the agglomeration of BA crystals which is being investigated. In addition,
a short discussion has been given on the potential risk factors associated with continuous filtration

which can be helpful when conducting risk management analysis in industrial applications.
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7. CONCLUSION AND FUTURE DIRECTIONS

7.1 Conclusion

Continuous manufacturing has been identified as an emerging technology in the current movement
to modernize pharmaceutical manufacturing. Developing successful continuous crystallization
processes may be the key in achieving end-to-end continuous manufacturing. Crystallization is a
complex phenomenon that entirely takes place in a metastable thermostatic state where
supersaturated molecules come together to form nuclei that then further grow in size. Batch
crystallization, while being recipe-based and relatively easy to perform, suffers from batch-to-
batch variations often causing discrepancies in downstream processes. Batch processes are also
large in size and must go through an elaborate scale-up practice. Batch crystallization scale-up is
especially very difficult as the mixing dynamics can significantly change the crystallization
kinetics and particle morphology. Scale-up is often considered the most complex and highest
failing rate practice during development. Continuous operations on the other hand operates at a
state-of-control where consistent products are produced continuously. Pilot plant and even lab
hood equipment can satisfy API production target depending on the patient population and the
lifespan of the drug potentially eliminating traditional scale-up practices.

MSMPR crystallizers and PFCs have been critically reviewed to discuss their operations,
applicability and limitations. Compared to PFCs, MSMPR operations are less complex and able to
handle long residence times which is often needed for slow nucleating and/or slow growing
compounds. MSMPR operation was studied in this thesis in both a traditional STC and an
innovative platform, the OBR. Because the two systems have been developed at different levels in
the development stage, the studies in the two systems were aimed differently in this thesis. STC

has been relatively well studied as an MSMPR system where risk-based model development is one
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of the last missing steps. To demonstrate this, a PBM was developed for the cooling crystallization
of CBZ in the STC, the kinetics of which have yet to be studied in current literature. The limitation
and applicability of the PBM was then verified and validated systematically based on its risk level
and credibility goal according to the referenced guideline suggesting potential use of modeling to
determine a design space for crystallization process development. A discussion on the
transferability of batch kinetics to continuous operation was given. Because crystallization is
highly stochastic, the supersaturation and solid concentration heavily influence nucleation and
growth rates. Thus, development experiments must cover the range of supersaturation and solid
conditions that might be experienced by the target process.

While STC has been a popular choice for crystallization, there are disadvantages associated
with agitational mixing such as poor local mixing and high shear. Oscillatory reactors have been
gaining popularity for its gentler, more thorough mixing dynamics. A novel oscillatory baffle
reactor was studied in this thesis for the systematic process development of continuous
crystallization. The OBR consists of an elongated vessel body and four ‘donut’ shaped baffles to
create oscillations. A continuous OBR platform was established with PAT capabilities. The basis
of its use for crystallization was established by studying the RTD for both liquid and solid contents.
The results showed that the RTDs were more uniform in the OBR than the STC. The proof-of-
concept of continuous crystallization in the OBR was then demonstrated and compared to the STC
where the OBR produced less aggregated and more uniform products without severe particle
breakage or sedimentation which have been encountered during STC experiments.

Developing appropriate start-up strategies is critical in establishing an efficient and stable
continuous crystallization process. However, it is not well studied in the literature. Being used for

continuous crystallization for the first time, it is important to investigate different start-up
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strategies and their (or lack thereof) effects on product quality attributes in the OBR systematically.
Five common start-up strategies were studied: (1) linear cooling batch start-up, (2) optimized batch
start-up, (3) direct continuous start-up with clear saturated solution, (4) direct continuous start-up
with seeded suspension with pre-sieved raw material and (5) direct continuous start-up with seeded
suspension with steady state products from strategy. The five start-up strategies resulted in similar
steady states despite major differences in process dynamics likely because the residence time was
much longer than PCM crystallization time scale. Batch start-ups and seeded continuous start-up
resulted in heavy particle washout and nucleation while start-up (5) yielded stable and smooth
concentration, particle count and SWMCL profiles over the duration of the experiment which may
be very desirable. Unseeded start-up is not recommended because primary nucleation required
higher supersaturation build-up and generated excessive fines. The optimization of batch cooling
profile in start-up (2) used kinetic parameters developed via batch crystallization experiments
carried out in the OBR. It correctly predicted the washout but underpredicted nucleation during
continuous operation. However, it indeed produced the highest yield and most uniform steady sate
product. It remains debatable whether the cost of long start-up time is worthy of the very small
improvement in yield and size uniformity.

While much advances are being made in developing continuous crystallization to catch up
with the development in continuous reaction and drug product processes, its inseparable following
step, filtration, has only been scarcely investigated in the current literature. Only a handful of
publications can be found on the topic of continuous filtration and even fewer focus on the coupling
of continuous filtration with continuous crystallization. An innovative CFC was studied in this
thesis to address this gap in current development. The proof-of-concept has been studied by

colleagues on an earlier iteration of the CFC where a hold-up tank was used in the coupling with
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crystallization. The current CFC prototype features a vacuum driven drawing scheme, similar to
that of a pressure swing transfer zone commonly used on MSMPR systems, allowing direct
coupling of continuous filtration and crystallization. A truly continuous drug substance isolation
step was developed where supersaturated PCM-EtOH solution and BA-EtOH-water solution were
crystalized in the OBR and filtered in the CFC to obtain isolated PCM and BA crystals at the outlet
of the CFC continuously. The operating parameters were optimized with systematically designed
stand-alone filtration experiments. PCM-EtOH model system exhibited good filterability because
of the prism-like crystal shape of the PCM and the volatility of EtOH. Dry (~5% moisture content)
PCM solids were collected at the outlet of the CFC continuously ready for further downstream
processes. Whereas BA crystals are of elongated plate-like morphology which are prone to
agglomeration and moisture entrapment. Wet and agglomerated BA filter cake was obtained at the
outlet of the CFC. with the implementation of drying in the CFC chamber, the performance of
CFC can be improved significantly. In a semi-batch filtration operation with a bench scale vacuum
filter on the other hand, the filter was quickly fouled by fine particles. The periodic washing and
solid removal operation in the CFC poses a major advantage lessening filter fouling issues. In
hopes of promoting continuous filtration development in the industry, a discussion on its risk
considerations was given answering the current paradigm shift to QbD regulatory approach. Risk
factors are organized into six categories to construct a fish-bone diagram assisting risk assessment.

Systematically developing a truly continuous drug substance isolation step was
demonstrated in this thesis applying innovative technologies and methodologies with the aid of
modern PATs and computational techniques. Drug substance isolation marks the end of API
manufacturing steps and transitions into drug product processing. Developing a continuous drug

substance isolation step can enable end-to-end continuous manufacturing.
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7.2 Future directions

With the current research effort in continuous crystallization, only the last few missing pieces need

to be addressed:

Stricter model verification and validation of the PBM for high risk model-based control
strategy implementation. Agglomeration was likely present but not taken into
consideration in this thesis which should be added to the PBM of CBZ in the STC. The
resulting PBM should be able to past stricter verification and validation activities for high-
impact control strategies.

Continuous crystallization of difficult to crystallize compounds in the OBR. Because the
OBR promotes nucleation and growth, previously problematic compounds may become
available candidates for continuous operation in the OBR. An example compound, Lactose,
has been tested preliminarily. Lactose exhibits long nucleation induction time, slow growth
rates and brittle crystal structure which is problematic for STC operations. However, it was
successfully crystallized in the OBR in our lab in batch mode at lower supersaturation
conditions and faster cooling rates that could not result in crystallization in the STC. A
continuous crystallization may be possible requiring less concentrated upstream solution
at shortened residence times. OBR can be an alternative to STC to enable crystallizations
of difficult compounds like lactose.

Implementation of pressure swing transfer zones to develop multi-stage OBR MSMPR
systems. Such an OBR cluster carousel is being constructed with built-in transfer
mechanisms by AWL and NiTech. The RTD of such a system would be similar to that of
a PFC which makes the transition from batch to continuous much simpler. This OBR

cluster carousel can be developed into an advanced system for continuous crystallization.
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e Implementation of hot air flow in the CFC chamber to enable drying which improves its
performance for difficult to dry cakes. A heating mechanism can be installed to allow port
4 which is currently blanked, to become a drying chamber. Difficult systems such as BA-

EtOH-water can be filtered continuously yielding dry and less agglomerated filter cakes.

While my efforts are small in the magnificent wave of continuous manufacturing that is
currently sweeping the pharmaceutical industry, | believe my work strengthens the collective
understanding of continuous crystallization and filtration process development. My work promotes
the modernization of pharmaceutical processes via continuous manufacturing which can be the
flexible solution to drug shortages. Even though ambitious and challenging, | believe end-to-end

continuous pharmaceutical manufacturing will ‘see its light of day’ in the very near future.
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APPENDIX

POPULATION BALANCE MODEL SOLUTION METHODS
Population balance modeling is a common computational technique to describe two-phase
processes such as crystallization. Method of moment (MOM) [144] is a common PBM solution

method that describes the population distribution by its moments:
u, :j: f(t,L)LidL (A1)

where |4 denotes the jth moment of the population distribution f: b is the total number of particles,
|k represents the total length, |k is the total surface, & is the total particle volume per unit volume
of the slurry. The batch population balance Eq(2.8) can then be converted into a series of ordinary

differential equation using moments:

94 G (A2)

Mass and energy balance can be written as:

dC

— =-3p.k G A.3
dt pc \% /u2 ( )
dT  -hA(T-T,) AH_3k,p,
- — (T ) - P Gu, (A4)
dt Vpsolcp VpsoICp

The PBM is now converted as a system of ordinary differential equations which can be easily
solved; however, a full PSD cannot be obtained using MOM.
Alternatively, a finite volume method can be applied to numerically solve for the full

population distribution, as well as concentration (and temperature) over time. A high-resolution
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finite volume method (HRFV) is commonly used to solve PBM for crystallization processes
employing the Van Leer flux limiter [29], [214], [215]. HRFV discretizes the population density
function f in its internal coordinate L and in time t: denoting with h as the bin size and k the time
step. Let f;denote the population density at size step | and time step m (m >0, 1 <[ <

N, i. e. mesh size) which can then be approximated as

m 1 ¢
A, L mkdL (A.5)

Then the population balance Eq(2.8) can be discretized as

1

k (f|m+l _ f|m) —

. (A.6)

. G, kG
_H(GI f| _G|71f|71)_[2_r|](1_ :

m m G|,1 kGI—l m m
T)(fm - fl )(1% _E(l_T)( fl - fl—l)ﬁ—l]""("b F

where & corresponds to the dirac delta function. In this PBM formulation, & =1ifl=1or ¢ =1

otherwise. Eq(A.6) also applies for dissolution by simply replacing growth with dissolution
without nucleation. For high resolution solutions, the Van Leer flux limiter & has been

demonstrated to yield second-order accuracy without introducing numerical dispersion [215]—

[217]:
61+ 6,
= 9 = A.7
where
6 = —f'm - = (A8)
f|+1 - f|
Finally, the mass balance Eq(2.10) is an ordinary differential equation (ODE)
dC N
E = _3kvpc Z (GI fl [lh]Z) (Ag)
1=0
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